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Abstract: Membrane distillation is a process that utilizes differences in vapor pressure to 
permeate water through a macro-porous membrane and reject other non-volatile 
constituents present in the influent water. This review considers the fundamental heat and 
mass transfer processes in membrane distillation, recent advances in membrane 
technology, module configurations, and the applications and economics of membrane 
distillation, and identifies areas that may lead to technological improvements in membrane 
distillation as well as the application characteristics required for commercial deployment. 
Keywords: membrane distillation; heat transfer; mass transfer; module configurations; 
water desalination and purification 
OPEN ACCESS 
Water 2013, 5             
 
 
2
 
Nomenclature (Use italic type for variables, axes, planes, constants, please confirm all in the text) 
a  exponent coefficient 
Acontact surface area of exchange (m2) 
An area calculated as the projection of the object on a plane normal to the main 
direction of the surface (m2) 
Am surface area measured by any experimental adsorption technique (m2) 
b  membrane thickness (m) 
B pore size morphology constant 
B0 membrane characteristic  
Cmembrane membrane mass transfer coefficient (L m−2 h−1) 
CP specific heat of water (4.18 kJ/kg/K) 
d  mean pore diameter of the membrane (m) 
df diameter of a single spacer fibre 
D carbon nanotube diameter (m) 
Eelec,std electrical energy consumed per m3 of permeate (kWh/m3) 
f  the permeance of the membrane 
F single pass recovery 
g  gravitational acceleration (9.81 m/s2) 
GDCMD global heat transfer coefficient across the membrane in DCMD (kW.m−2) 
hf feed boundary layer heat transfer coefficient (kW.m−2) 
hp permeate boundary layer heat transfer coefficient (kW.m−2) 
hm membrane heat transfer coefficient (kW.m−2) 
hsp height of the spacer (m) 
Hg enthalpy of the vapor (kJ/kg)  
ΔHv variation of enthalpy (kJ/kg)  
ΔHvap latent heat of vaporisation (kJ/kg)  
Jw water flux across the membrane (kg m−2 s−1)  
K membrane permeability (kg m−1 s−1) 
kB Boltzman constant (1.381 × 10−23 J/K) 
Ki,T,P a function of temperature, vapor pressure, and of the gas molecular mass 
K0 membrane characteristic defined by Equation (9) 
Kn Knudsen number 
K(T) a function of temperature and molecular weight of the gas 
l  mean free path of the molecules 
lm distance between parallel spacer fibres (m) 
LEP Limit Entry Pressure (kPa) 
M molecular mass (g/mol) 
Mw molecular weights of water (g/mol) 
Ma molecular weights of air (g/mol) 
Comment [VU1]: Symbol from Figure 5
Comment [VU2]: Should either be 
kW/m2 or kW.m-2. 
Comment [VU3]: Symbol from Figure 5
Comment [VU4]: Symbol from Figure 5
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n  number of CNTs per unit cross section in bucky-paper 
P pressure in the air gap (kPa) 
PA atmospheric pressure (kPa) 
PT1 vapor pressure at the hot stream temperature (kPa) 
PT2 vapor pressure at the cold stream temperature (kPa) 
PKn ratio of the main membrane geometrical parameters ruling permeation 
PProcess liquid pressure on either side of the membrane (kPa) 
PPore air pressure in the pore (kPa) 
PF MD module feed pressure (kPa) 
Q1 total heat flux from the hot side to the cold side (kW.m-2) 
Q2 total heat transfer from the bulk feed to the membrane interface (kW.m-2) 
R the universal gas constant (taken as 8.3144 m2 kg s−2 K−1 mol−1) 
r  average radius of the pores (m) 
rmax maximum pore radius (m) 
t1/2 half time to reach the maximum intensity–laser flash technique (s) 
t  proportion of conductive heat (balance due to evaporative heat) loss through  
the membrane  
T mean temperature in the pores (K) 
Tmf temperature of the membrane surface on the feed side (K) (also defined as T1) 
Tmp temperature of the membrane surface on the permeate side (K) (also defined as T2) 
Tf bulk feed temperature (K) 
TF feed temperature of the brine (feed) stream (K or °C) 
TE exit temperature of the brine (feed) stream (K or °C) 
TP temperature polarization coefficient 
w thermal diffusivity (m s−1) 
temperature gradient in the thermal boundary layer of the feed (K/m) 
Greek Letters 
α  convective heat transfer coefficient on the hot side (kW/m2) 
β  exponential value that varies with the ratio of the mean free path, l, to the average 
pore size of the membrane 
ε  membrane porosity (%) 
γL surface tension of the liquid on the membrane surface (dyn cm−1) 
κ  surface roughness 
λ  is the thermal conductivity of the membrane (kW/m) 
λth thermal conductivity (W m−1) 
µ viscosity (N/m) 
η  pump efficiency 
Π power input of the conductivity meter (W) 
τ  tortuosity of the membrane 
θ  contact angle (°) 
Comment [m5]: (Please confirm)
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f angle between spacer fibres in the flow direction (˚) 
σw collision diameters for water vapor (2.641 × 10−10 m)  
σa collision diameters for air (3.711 × 10−10 m) 
 
1. Introduction 
Membrane distillation (MD) is a thermal, membrane-based separation process [1,2]. The driving 
force for the MD processes is quite different from other membrane processes, being the vapor pressure 
difference across the membrane rather than an applied absolute pressure difference, a concentration 
gradient or an electrical potential gradient, which drives mass transfer through a membrane [1,3].  
Membrane distillation was introduced in the late 1960s [4,5]. However, it was not commercialised 
at that time for desalination purposes. There were two major factors hindering its development [6]:  
(1) Membranes with adequate characteristics and at reasonable cost were not available; and (2) the 
economics of the process were not favourable compared to reverse osmosis (RO) [7]. The comparative 
economics were based on typical data from those membranes and systems which were far from 
optimal and the finding that the temperature polarization coefficient was low (estimated by  
Schofield et al. [8] to be 0.32). Hence, for this system, when the temperature difference between the 
bulk temperature of the hot and cold channels was 10 °C, the actual temperature difference across the 
membrane was only 3.2 °C. In the 1980s, with the availability of new membranes, more research 
focused on membrane distillation and many novel MD modules were designed based on improved 
understanding of the mass and heat transfer principles of MD [9,10]. Furthermore, new applications for 
membrane distillation [11,12] were considered in environmental protection and wastewater treatment. 
The MD process was defined in the “Round Table” at the “Workshop on Membrane Distillation” in 
Rome on 5 May 1986. According to the Terminology for Membrane Distillation [13], the MD process 
should have the following characteristics:  
 The membrane should be porous; 
 The membrane should not be wetted by process liquids; 
 No capillary condensation should take place inside the pores of the membranes; 
 Only vapor should be transported through the pores of the membrane; 
 The membrane must not alter the vapor equilibrium of the different components in the  
process liquids; 
 At least one side of the membrane should be in direct contact with the process liquid; and 
 For each component, the driving force of the membrane operation is a partial pressure gradient 
in the vapor phase. 
According to previous research [14], there are two major factors hindering the application of 
membrane distillation: One is suitable membranes for MD and the other is energy efficiency.  
1.1. Configurations of Membrane Distillation 
Figure 1 illustrates four configurations of the MD system, which differ based on the nature of the 
cold side processing of the permeate [6,14]:  
Comment [VU6]: Symbol from figure 5 
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 Direct Contact Membrane Distillation (DCMD), in which the membrane is in direct contact 
with liquid phases. This is the simplest configuration capable of producing reasonably high 
flux. It is best suited for applications such as desalination and concentration of aqueous 
solutions (e.g., juice concentrates) [1,15–19]. 
 Air Gap Membrane Distillation (AGMD), in which an air gap is interposed between the 
membrane and a condensation surface. The configuration has the highest energy efficiency, but 
the flux obtained is generally low. The air gap configuration can be widely employed for most 
membrane distillation applications [20], particularly where energy availability is low. 
 Vacuum Membrane Distillation (VMD), in which the permeate side is vapor or air under 
reduced pressure, and if needed, permeate is condensed in a separate device. This configuration 
is useful when volatiles are being removed from an aqueous solution [21,22]. 
 Sweep Gas Membrane Distillation (SGMD), in which stripping gas is used as a carrier for the 
produced vapor. It is used when volatiles are removed from an aqueous solution [23–27]. 
Figure 1. Membrane distillation configurations: (a) Direct Contact Membrane Distillation 
(DCMD); (b Gore-tex membrane distillation. c) Vacuum Membrane Distillation (VMD); 
(d) Sweep Gas Membrane Distillation (SGMD). 
 
Due to its simple structure and high flux relative to AGMD and SGMD, laboratory-scale DCMD 
has been widely studied [2]. The main disadvantage for DCMD in commercial applications is its low 
energy efficiency. Although polymeric membranes generally have low thermal conductivity, the 
driving force (temperature difference between the feed and permeate sides) for mass transfer will also 
lead to significant conductive heat transfer through the membrane due to the small membrane 
thickness, so only part of the supplied heat energy is used for production. Of the four configurations, 
DCMD has the highest heat conduction loss because of the higher heat transfer coefficient on the 
permeate side for this configuration, which results in relatively low thermal efficiency [28,29]. 
In AGMD, the air gap is usually the controlling factor for the mass and heat transfers [30] because 
of its greater thermal and mass transfer resistances. In comparison with the thickness (40–250 µm) and 
Comment [m7]: If possible, please 
change the subtitle number A, B, C, D to 
lower case a, b, c, d to keep accordance 
with others. The same as Figures 20. 
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conductivity of the membrane, the air gap is much thicker (general 2000–10,000 µm) [31,32] and has 
lower thermal conductivity. Therefore, more heat energy in AGMD will be used for water evaporation 
than in DCMD. Additionally, if a low temperature feed is used as the cooling stream in this 
configuration, the latent heat can be recovered through the condensation of the vapor on the cooling 
plate. However, AGMD typically has a low flux, due to the low temperature difference [6,20,32] 
across the membrane and therefore larger surface areas are required.  
In SGMD, the vapor is stripped from the hot feed by a gas stream, and then condensed in an 
external condenser. It has higher mass transfer rates than AGMD, due to the greater driving force 
originating from the reduced vapor pressure on the permeate side of the membrane, and has less heat 
loss through the membrane than DCMD. However, an external condenser and an air blower or 
compressed air are needed to maintain operation of this configuration, which will cause an increase in 
investment [25], energy use and running costs.  
In VMD, the vapor permeate is removed continuously from the vacuum chamber to form a vapor 
pressure difference across the membrane. Theoretically, this configuration can provide the greatest 
driving force at the same feed temperature, because the vapor pressure on the cold side can be reduced 
to almost zero. An external condenser is required as for AGMD, if the liquid permeate is the product.  
Of the four configurations, DCMD is the most popular for MD laboratory research, with more than 
half of the published references for membrane distillation based on DCMD [1,2,6,33]. However, 
AGMD is more popular in commercial applications, because of its high energy efficiency and 
capability for latent heat recovery [34,35].  
1.2. Configurations of MD Modules 
There are two major MD module configurations [2], which are the tubular module and the plate and 
frame module. Both of these modules have been used in pilot plant trials [35–37].  
Figure 2a shows a schematic diagram of a hollow fiber tubular module, in which hollow fiber 
membranes are glued into a housing. This configuration can have a very high packing density  
(3000 m2/m3) [33,37]. The feed is introduced into the shell side or into lumen side of the hollow fibers, 
and cooling fluid, sweeping gas, or negative pressure can be applied on the other side to form VMD, 
SGMD, or DCMD. Because of its large active area combined with a small footprint, hollow fiber 
modules have great potential in commercial applications [33]. Although broken hollow fibers cannot 
be replaced, they can be detected by the liquid decay test (LDT) [38–40] and pinned to remove broken 
fibers from service. Good flow distribution on the shell side can be difficult to achieve, with 
subsequent high degrees of temperature polarization. Cross-flow modules have been developed to 
reduce this effect for hollow fiber modules [41]. 
Figure 2b shows the structure of the plate and frame module. This module is suitable for flat sheet 
membranes and can be used for DCMD, AGMD, VMD, and SGMD. In this configuration, the packing 
density is about 100–400 m2/m3 [10,33]. Although this configuration has a relatively smaller effective 
area for the same volume when compared to the tubular modules, it is easy to construct and multiple 
layers of flat sheet MD membranes can be used to increase the effective area. As shown in Figure 2b, it 
is easy to change damaged membranes from this configuration. Thus, this module is widely employed 
in laboratory experiments for testing the influence of membrane properties and process parameters on 
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the flux or energy efficiency of membrane distillation [33]. Also the flow dynamics can be improved 
by the use of spacers that increase turbulence and reduce temperature polarization. 
Water 2013, 5             
 
 
8
 
Figure 2. Membrane distillation (MD) Modules: (a) Tubular module for hollow fiber;  
(b) Plate and frame module for flat sheet membrane. 
(a) (b) 
To meet the requirement of commercial applications, other configurations with large specific areas 
were also developed, i.e., spiral-wound modules mainly employed for air/permeate gap membrane 
distillation [40,42,43] have a much more compact structure than the conventional plate and  
frame AGMD.  
1.3. Membranes for Membrane Distillation Applications 
There are two common types of membrane configurations shown in Figure 3: 
 Hollow fiber membrane mainly prepared from PP, PVDF, and PVDF-PTFE composite  
material [44,45]; and 
 Flat sheet membrane mainly prepared from PP, PTFE, and PVDF. 
Compared with flat sheet membranes, hollow fiber membranes have relatively large specific surface 
areas [46], but the main impediment of the hollow fiber module is its typically low flux (generally  
1–4 L m−2 h−1 at 40–60 °C) [47–49]. The low flux is related to its poor flow dynamics and the resultant 
high degree of temperature polarization. However, high-flux hollow fiber membranes with different 
features suitable for membrane distillation have been developed recently, such as dual-layer 
hydrophilic-hydrophobic fibers with a very thin effective hydrophobic PVDF layer (50 µm), and 
hollow fiber membranes with a sponge-like structure and thin walls [45,47,50,51], which have flux of 
about 50–70 kg m−2 h−1 at about 80–90 °C. This flux is as high as that from flat sheet membrane. 
Figure 3. Schematics of (a) hollow fiber and (b) flat sheet membranes. 
 
(a) (b) 
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The reported flux from flat sheet membranes is typically 20–30 L m−2 h−1 [6] at inlet temperatures 
of hot 60 °C and cold 20 °C. In general, the polymeric membrane shown in Figure 3b is composed of a 
thin active layer and a porous support layer. This structure is able to provide sufficient mechanical 
strength for the membrane to enable the active layer to be manufactured as thin as possible, which 
reduces the mass transfer resistance.  
As the flux from membrane distillation is related to the membrane length, it is more appropriate to 
compare membrane performance with the mass transfer coefficient rather than the flux [52]. However, 
it is difficult to calculate the mass transfer coefficients from published works, because typically there is 
insufficient provision of data. Therefore, the flux provided here is only used as an approximate 
indication of performance.  
1.3.1. Membrane Materials 
The most common materials used for MD membranes are poly(tetrafluoroethylene) (PTFE), 
poly(propylene) (PP) and poly(vinylidenefluoride) (PVDF) [53]. The porosity of the membranes used 
is in the range of 0.60 to 0.95, the pore size is in the range of 0.2 to 1.0 μm, and the thickness is in the 
range of 0.04 to 0.25 mm [6,52]. The surface energies and thermal conductivities of these materials are 
listed in Table 1. 
Of these materials, PTFE has the highest hydrophobicity (largest contact angle with water), good 
chemical and thermal stability and oxidation resistance, but it has the highest conductivity which will 
cause greater heat transfer through PTFE membranes. PVDF has good hydrophobicity, thermal 
resistance and mechanical strength and can be easily prepared into membranes with versatile pore 
structures by different methods. PP also exhibits good thermal and chemical resistance [33]. Recently, 
new membrane materials, such as carbon nanotubes, fluorinated copolymer materials and surface 
modified PES [51,54–56], have been developed to make MD membranes with good mechanical 
strength and high hydrophobicity and porosity. 
Sintering, stretching, and phase inversion are some of the methods to fabricate MD membranes 
from these materials [57–59].  
Table 1. Reported surface energy and thermal conductivity of most popular materials used 
in MD [33,57–59]. 
Membrane Material Surface Energy (×10−3 N/m) Thermal Conductivity (W m−1 K−1) 
PTFE 9–20 0.25 
PP 30.0 0.17 
PVDF 30.3 0.19 
1.3.2. Characteristics of MD Membrane 
In membrane distillation, membranes on the basis of their selective properties are not involved in 
the mass transport phenomena, but are involved in heat transport from the hot side to the cold side. 
Therefore, compounds transferred across the membrane in gas phase are driven by vapor pressure 
differences based on vapor-liquid equilibrium, and the macro-porous polymeric or inorganic 
membrane employed between the permeate and feed sides acts as a physical barrier providing the 
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interfaces where heat and mass are simultaneously exchanged. Thus, the properties of membranes 
suitable for membrane distillation should include [13,60–64]: 
 An adequate thickness, based on a compromise between increased membrane permeability 
(tend to increase flux) and decreased thermal resistance (tend to reduce heat efficiency or 
interface temperature difference) as the membrane becomes thinner; 
 Reasonably large pore size and narrow pore size distribution, limited by the minimum Liquid 
Entry Pressure (LEP) of the membrane. In MD, the hydrostatic pressure must be lower than 
LEP to avoid membrane wetting. This can be quantified by the Laplace (Cantor) Equation [6] 
as following Equation (1): 
 
(1) 
where B is a geometric factor, γl is the surface tension of the solution, θ is the contact angle 
between the solution and the membrane surface which depends on the hydrophobicity of the 
membrane, rmax is the largest pore size, Pprocess is the liquid pressure on either side of the 
membrane, and Ppore is the air pressure in the membrane pore. 
 Low surface energy, equivalent to high hydrophobicity. Based on Equation (1), material with 
higher hydrophobicity can be made into membranes with larger pore sizes, or membranes made 
from more hydrophobic material will be applicable under higher pressures for a given  
pore size; 
 Low thermal conductivity. High thermal conductivities increases sensible heat transfer and 
reduce vapor flux due to reduced interface temperature difference; and 
 High porosity. High porosity increases both the thermal resistance and the permeability of MD 
membranes, so both the heat efficiency and flux are increased. However, high porosity 
membranes have low mechanical strength and tend to crack or compress under mild pressure, 
which results in the loss of membrane performance.  
The sintering method can be used to prepare PTFE membranes. In the sintering process, polymeric 
powder is pressed into a film or plate and sintered just below the melting point. The porosity of the 
membranes made in this manner is in the range of 10%–40% and typical pore sizes are in the range of 
0.2 to 20 µm. 
Stretching technology can be used to make PP and PTFE membranes. In this process, films are 
formed by extrusion from a polymeric powder at temperatures close to the melting point coupled with 
a rapid draw-down. The membranes made have pore sizes in the range of 0.2–20 µm and porosity of 
about 90% [33,53,65]. 
Phase inversion can be used to produce PVDF membranes. In this process, the polymer is dissolved 
in an appropriate solvent [66,67] and spread as a 20–200 µm thick film on supports, such as nonwoven 
polyester, PP backing material or PP scrim backing [53,67], and an appropriate precipitant (typically 
water) is added to split the homogeneous solution film into two phases (a solid polymer rich phase and 
a liquid rich phase). The prepared membrane has a pore size in the range of 0.2 to 20 µm, and porosity 
of approximately 80% [45].  
Field Code Changed
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Most of the polymeric materials for membrane fabrication are flexible and deformable under force, 
and the porosity of the MD membranes is generally greater than 80%. Therefore, it can be speculated 
that the membrane will be compressed under the hydrodynamic pressure incurred from the flowing 
feed and/or permeate flowing. As a result, the properties of the membrane, such as pore size, porosity, 
membrane thickness and thermal conductivity will be altered. These phenomena will become 
significant when the process is scaled up and longer membranes are employed. A flux reduction of 
15%–39% was observed when the pressure in DCMD was increased from 1 kPa to 45 kPa by  
Zhang et al. [68,69]. DCMD Modelling identified that while compression increased the membrane 
permeability, it also led to increased thermal conductivity of the membranes, and overall membrane 
distillation performance decreased [69]. 
1.3.3. Membrane Fouling and Wetting 
Membrane fouling is a major obstacle in the application of membrane technologies [70,71], as it 
causes flux to decline. The foulant, e.g., bio-film, precipitations of organic and inorganic matter, can 
reduce the permeability of a membrane by clogging the membrane surface and/or pores. Although 
membrane distillation is more resistant to fouling than conventional thermal processes, dosing of  
anti-scalants can be used to control scaling [72–74]. Dow et al. [75] also showed that lower feed 
temperatures can substantially reduce the influence of fouling in DCMD.  
Since the hydrophobic MD membrane is the barrier between the feed and permeate, membrane 
wetting will reduce the rejection of the non-volatiles. Membrane wetting can occur under the  
following conditions: 
 The hydraulic pressure applied on the surface of the membrane is greater than the LEP;  
 The foulant depositing on the membrane surface can effectively reduce the hydrophobicity of 
the membrane [36,76], which was generally found in a long-term operation or in treating  
high-concentration feeds such as for brine crystallisation; and 
 In the presence of high organic content or surfactant in the feed, which can lower the surface 
tension of feed solution and/or reduce the hydrophobicity of the membrane via adsorption and 
lead to membrane wetting [77]. 
1.4. Heat Transfer and Mass Transfer Phenomena in MD 
In MD processes, heat and mass transfers are coupled together in the same direction from the hot 
side to the cold side [78]. Figure 4 illustrates these processes in DCMD, which is typical for MD 
configurations. The feed temperature, Tf, drops across the feed side boundary layer to T1 at the 
membrane surface. Some water evaporates and is transported through the membrane. Simultaneously, 
heat is conducted through the membrane to the cold (permeate) side. The cold flow temperature Tp 
increases across the permeate boundary layer to T2 at the membrane surface on the cold side as water 
vapor condenses into the fresh water stream and gains heat from the feed side. The driving force is, 
therefore, the vapor pressure difference between T1 and T2, which is less than the vapor pressure 
difference between Tf and Tp. This phenomenon is called temperature polarization. The temperature 
polarization coefficient is defined by Schofield et al. [8] as follows: 
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Figure 4. DCMD heat transfer and mass transfer through membrane. 
  
1.4.1. Heat Transfer 
Heat transfer from the feed side to the permeate side involves two steps [2]: First, the heat transfers 
from the hot side to the cold side across the membrane as sensible heat and latent heat, so as to form 
the temperature difference between boundary layer and bulk flow; second, the heat transfers from the 
bulk flow of the feed to the boundary layer via heat convection, due to the temperature difference 
arising from the first step. In the first step, as shown in Figure 4, the sensible heat is conducted through 
the membrane to the cold side, and the latent heat is carried by the water vapor, which is evaporated at 
the interface between the hot stream and membrane pores and is condensed at the interface between 
the pores and cold stream for DCMD [16].  
According to the two heat transfer processes, the heat balance of the feed stream can be described 
by [78–80] with the following Equations (3–5):  
 (3) 
 (4) 
 (5) 
because , then 
 (6) 
where Q1 or Q2 are the total heat flux from the hot side to the cold side, λ is the thermal conductivity of 
the membrane, b is the membrane thickness, ε is the membrane porosity, α is the convective heat 
transfer coefficient on the hot side, J is the permeate flux, and Hg is the enthalpy of the vapor.  
As Equation (4) calculates the thermal conductivity assuming parallel heat flow through air and 
membrane material, it is appropriate for estimating the thermal conductivity as the tortuosity 
Field Code Changed
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approaches 1. PTFE membranes have been estimated to have tortuosity’s of 1.1 [68], and hence this 
approach to estimating thermal conductivity is appropriate for these membranes. 
In Equation (6), (λ/b)(T1−T2) is the sensible heat loss through the membrane and JHg is the total 
enthalpy carried by the permeate. In AGMD, an air gap is interposed between the membrane and the 
cooling plate, and the percentage of sensible heat loss is less than that in DCMD [81,82], but the 
stagnant air gap also increases the resistance to the mass transfer. Instead of the stagnant air gap, a 
striping gas is used in SGMD, which boosts the mass transfer and provides good resistance to sensible 
heat transfer, but there is more energy consumption from the blower and/or condenser if the permeate 
is the product [23,26,27]. In VMD, the sensible heat loss can even be neglected, if a very low vacuum 
is employed in the permeate chamber, but it would not be as competitive as DCMD and AGMD if the 
thermal energy cannot be recovered from the external condenser.  
1.4.2. Mass Transfer 
Mass transfer in the DCMD process includes three steps: firstly the hot feed vaporizes from the 
liquid/gas interface, secondly the vapor is driven by the vapor pressure difference and crosses from the 
hot interface to the cold interface through the pores, and thirdly the vapor condenses into the cold side 
stream [52]. Therefore, there are two major factors controlling the mass transfer: one is the vapor 
pressure difference, and the other is the permeability of the membrane.  
If the fluid dynamics conditions on both sides of the membrane could be considered good, mass 
transfer through the membrane may be the limiting step for mass transfer in MD [83]. The influence of 
the physical properties on membrane permeability includes: 
(1) The effective area for mass transfer is less than the total membrane area because the membrane 
is not 100% porous; 
(2) For most practical membranes, the membrane pores do not go straight through the membrane 
and the path for vapor transport is greater than the thickness of the membrane; and 
(3) The inside walls of the pores increase the resistance to diffusion by decreasing the momentum 
of the vapor molecules.  
The mass transport mechanism in the membrane pores is governed by three basic mechanisms 
known as Knudsen-diffusion (K), Poiseuille-flow (P) and Molecular-diffusion (M) or a combination 
between these known as the transition mechanism [2,84]. The Knudsen number (Kn) is used to indicate 
the dominant mass transfer mechanism in the pores: 
Kn = l/d (7) 
where d is the mean pore size of the membrane; and l is the mean free path of the molecules defined  
by Kuhn and Forstering [85] and Albert and Silbey [86] as: 
  (8) 
where kB is the Boltzman constant (1.381 × 10−23 J/K), σw and σa the collision diameters for water 
vapor (2.641 × 10−10 m) and air (3.711 × 10−10 m) [87,88], T is the mean temperature in the pores, and 
Mw and Ma are the molecular weights of water and air. At a typical membrane temperature of 60 °C, 
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the mean free path of the water vapor in the membrane pores is 0.11 µm. The pore sizes of the 
membranes used for membrane distillation are in the range of 0.2 to 1.0 μm, so Kn will be in the range 
of 0.5 to 0.1. Table 2 shows the dominating mass transfer mechanism based on the Kn [83] for 
different configurations.  
Table 2. Dominating mass transfer mechanism in different MD configurations. 
Configurations  Component in pores 
Vapor Pressure 
difference across pores Driving force 
Mass transfer mechanism 
(0.01 < Kn < 1) 
DCMD Vapor-air mixture ∆P = 0 
Partial vapor 
pressure difference M–K transition 
AGMD Vapor-air mixture ∆P = 0 
Partial vapor 
pressure difference M–K transition 
SGMD Vapor-air mixture ∆P = 0 
Partial vapor 
pressure difference M–K transition 
VMD Vapor ∆P ≠ 0 Partial vapor pressure difference P–K transition 
There are also two other popular mass transfer models for membrane distillation, which are 
Schofield’s model [79,88] and the dusty-gas model for DCMD [89,90]. In the “Dusty-Gas”  
model [89,91], the porous membrane is assumed to be an array of dust particles held stationary in 
space, and the dust particles in terms of the classical kinetic theory of gases are supposed to be giant 
molecules in the interactions between gas and surface. Based on this model, a general flux equation for 
a gas that permeates through a porous media in the Knudsen-viscous transition region can be described as: 
 (9a) 
in which 
and   (9b) 
These equations of different mass transfer models can all be simplified to [52]:  
 (10a) 
in which 
 
(10
b) 
where a is an exponent coefficient in the range of 1–2.  
From Equation (10b), it can be concluded that the flux for MD can be increased by increasing pore 
sizes and porosity and by reducing the tortuosity and thickness of the membrane. However, according 
to Equation (6), reducing the thickness of the membrane also increases the sensible heat loss from the 
hot side to the cold side, which leads to a reduction of water flux due to decreased interfacial 
temperature differences (vapor pressure difference). Therefore, there is an optimum membrane 
thickness for membrane distillation efficiency.  
To minimize the sensible heat loss, the heat transfer coefficient (λ/b) of the membrane can be 
reduced by increasing the membrane porosity. This will also reduce the sensible heat transfer as 
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according to Equation (4), the average thermal conductivity of the membrane will be reduced since the 
thermal conductivity of the air is in general one order of magnitude less than that of the  
membrane materials.  
1.5. Operating Parameters Affecting MD Performance  
1.5.1. Parameters to Reducing Temperature Polarization  
To maximise flux, it is necessary to increase the vapor pressure difference across the membrane or 
to reduce temperature polarization [92,93]. Therefore, it is necessary to improve the convective heat 
transfer coefficient for the purpose of producing more flux according to Equations (3), (5) and (6). The 
convective heat transfer coefficient can be expressed as Equation (11) according [94]: 
 
(11) 
where λf is thermal conductivity of the feed, and  is the temperature gradient in the 
thermal boundary layer of the feed. From Equation (10b), it can be seen that the convective heat 
transfer coefficient can be improved effectively by reducing the thickness of the thermal boundary 
layer. As the thickness of the thermal boundary layer can be reduced by enhancing the stream 
turbulence, increasing flow rate can effectively improve the flux. However, the hydrodynamic pressure 
has a square relationship to the flow rate [95], and the increased pressure will diminish the effect of 
increasing turbulence if the membrane is compressible [68,69]. 
The presence of turbulence promoters, e.g., net-like spacers or zigzag spacers shown schematically 
in Figure 5 [96,97] can effectively reduce the thickness of the thermal boundary layer and improve  
αf [98]. It is also important that high heat transfer rates are achieved with a low pressure drop in the 
channels where the feed solution and cooling liquid are flowing [28,92,93,96,99]. From reported  
data [92], it is found that the temperature polarization coefficient of spacer-filled channels falls in the 
range of 0.9–0.97, in comparison with a temperature polarization coefficient 0.57–0.76 for flowing 
channels without spacers. The effect of Reynolds number on heat transfer for the spacer-filled flat 
channels is presented and discussed in [92,96,100].  
Figure 5. Spacer structure. 
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(f is the angle between spacer fibres in the flow direction, lm is the distance between parallel spacer 
fibres, is the hsp is the height of the spacer and df is the diameter of a single spacer fibre). 
It is also noticed that the influence of turbulence on flux becomes less at higher turbulence levels. 
Therefore, it is necessary to control turbulence within an adequate range to reduce the energy cost 
associated with pumping. 
1.5.2. Feed Temperature 
As MD is driven by vapor pressures which vary exponentially with the stream temperature [52], the 
flux is affected greatly by the feed temperature. Furthermore, since the heat loss through themal 
conduction is linear to the temperature difference across the membrane as according to Equation (3), 
the proportion of energy used for evaporation will increase as the feed temperature increases [52]. 
However, an increase of temperature polarization due to the high flux and greater heat and mass 
transfer was also observed with rising temperature [52,53,69], but this can be reduced by using 
turbulence promotors such as spacers.  
1.6. Modelling Aspects of Membrane Distillation 
Mass transfer in MD is acompanioned by heat transfer, so MD Modelling is more complex than that 
for heat exchangers. The parameters or data that should be considered during Modelling include [2]: 
 Membrane characteristics, such as membrane thickness, pore size, tortuosity and porosity, 
which can be aquired by gas permeation experiment, scanning electron microscopy and image 
analysis [68,101]; 
 Thermal conductivity of the membrane is measurable in some cases [102] or can be calculated 
with Equation (4) [14,51,68];  
 Convective heat transfer coefficient of the feed and/or permeate streams, which can be 
calculated by semi-emperical equations based on Nusselt numbers and by including factors 
such as the structure of the spacer or module, flow velocities, properties of feed and permeate, 
the operation temperature, etc. and 
 An important assumption adopted in Modelling MD is that the kinetic effects at the  
vapor-liquid interface are negligible. According to this assumption, vapor-liquid equilibrium 
equations can be applied to determine the partial vapor pressures of each component at each 
side of the membrane. 
1.7. Applications of Membrane Distillation 
Although MD is currently studied mostly at the laboratory scale, membrane distillation has 
potentially distinctive advantages in some particular areas [6,33]. There are several pilot plants 
currently undergoing field trials: for treating wastewater from a power plant (in Singapore) [35], 
wastewater in a chemical plant (The Netherlands) by Memstill®, and other wastewaters are currently 
being investigated at laboratory stage, i.e., the RO concentrate treatment, ground water treatment and 
solar heat utilisation [75,103,104]. 
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Producing high-purity water from salty water is one of the many MD applications. Since 1982, 
Gore [105] proposed MD membrane modules for desalting NaCl aqueous solutions. Papers related to 
MD research in desalination processes increased dramatically in the following years [7,10,24,106]. 
Different types of hydrophobic membranes and configurations [107,108] were studied for desalination 
purposes. Coupling membrane distillation with solar energy was studied and has demonstrated the 
feasibility of solar powered MD in which 60%–80% of the energy was recovered [109–111]. 
Membrane distillation may also be integrated with reverse osmosis processes to increase the water 
recovery in the desalination plants [109,112] by treating the brine. Lawson and Llyod [81] stated that 
membrane distillation can be a viable process for desalination, while Schneider et al. [82] have argued 
that small, portable desalination units utilising waste heat are more feasible for application of MD.  
Membrane distillation also can be used for water treatment, such as removing heavy metals from 
wastewater [113], recovering HCl from cleaning solution in electroplating [114], concentrating 
sulphuric acid to recover lanthanide compounds in apatite phosphogypsum extraction process [115], 
eliminating radioisotopes, reducing the waste volume from nuclear industry [116] and removing 
volatile organic components from dilute aqueous solutions [21,22,117,118]. 
Due to the low feed temperature, MD can also be used for concentrating solutions in the food 
industry. It has been widely tested for the concentration of many juices including orange juice [18], 
apple juice [119] and sugarcane juice [120]. 
MD was also employed for selective extraction of volatile solutes and solvents for applications in 
the health and fermentation industries. Blood and plasma were treated by MD in order to promote a 
solute-free extraction of water from biomedical solutions without loss in quality [121,122]. Membrane 
distillation has also been suggested as an innovative tool to ameliorate treatment of uraemia by 
allowing purification of the blood ultrafiltrate and the re-injection of the purified water to the  
patients [123]. MD was also combined with a bioreactor to promote the reaction rate of ethanol 
fermentation by selectively removing ethanol [124].  
Further discussion of applications is contained in Section 3. 
2. Advances on MD Processes and Modules for Water Purification 
Even though membrane distillation was patented in the 1960s [125], is has not been commercialised 
because of the success of competing technologies. However in just the last few years, MD has emerged 
with numerous commercially oriented devices and novel process integrations. This section focuses on 
the current process arrangements and commercially available MD systems.  
2.1. MD Stand-Alone Systems 
A module to house a membrane and perform MD is not complicated but requires more complexity 
in its connections as compared to pressurised membrane systems (micro, ultra and nanofiltration as 
well as reverse osmosis). As shown in Figure 6, we see the simplest form of DCMD configuration 
which will desalinate a saline water feed to a very high quality permeate.  
Figure 6. Standard MD setup to desalinate water in direct contact mode. 
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However, the simplest form suffers drawbacks which must be overcome to make MD practically 
useful. The three key drawbacks under standard process configuration are: 
 Water recovery limit: The flux of the membrane draws a significant amount of energy purely 
through the evaporation of the feed, which is deposited into the permeate. The limiting amount 
of water permeated as a fraction of water fed, F, (i.e., single pass recovery) is presented 
according to [126] as Equation (12): 
ܨ ൌ ሺ1 െ ݐሻ ܥܲሺ ܶܨ െ ܶܧሻ∆ܪvap  (12) 
Where TF and TE are the feed and exit temperatures, respectively (K or °C), CP is the specific 
heat of water (4.18 kJ/kg/K), t is the proportion of conductive heat (balance due to evaporative 
heat) loss through the membrane, and ΔHvap is the latent heat of vaporisation (kJ/kg). For 
example, if the feed water is supplied at 80 °C, no more than 7.7 wt % of this desalinated water 
will evaporate to the permeate (i.e., F) by the time this temperature is reduced to 20 °C 
(assuming t = 0.3). This is typically managed by reheating the cool brine reject and sending it 
back to the feed. In DCMD, this recirculation is likewise done on the permeate side. Both 
pumps will now be larger, by at least an order of magnitude, in order to achieve useful 
recoveries exceeding 50%. 
 Electrical energy constraints: The thermodynamics of the simple MD setup in turn constrains 
the electrical consumption. Each pump in Figure 6 will consume electrical energy per unit 
water permeated, Eelec,std (kWh/m3), according to: 
ܧelec,std ൌ ܲܨߟܨ
1
3600 (13) 
where PF is the MD module feed pressure (kPa), and η is pump efficiency. If we assume  
PF = 20 kPa, and pump efficiency of 0.6, each pump consumes 0.12 kWh/m3 of electricity. 
Both pumps consume 0.23 kWh/m3. Clearly achieving low pressure drops along the module 
will have an impact on the electrical energy requirement of MD systems. This minimum is 
related to the point above, where F equates to around 7.7 wt %; and 
 Thermal energy constraints: Water evaporation energy per unit mass, ∆Hvap, is 2260 kJ/kg, or 
628 kWh/m3. This energy is in the form of thermal energy, which is the standard thermal 
energy required to operate the MD system in Figure 6. This value equates to a performance 
ratio (PR), or gain output ratio (GOR) of 1, being the mass ratio of water produced to the 
amount of steam energy (i.e., latent heat) fed to the process. 
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With state-of-the-art reverse osmosis requiring as little as 2 kWh/m3 of electric energy and no 
thermal energy, we see that standard MD by thermodynamics uses an order of magnitude less 
electricity, and nearly 300 fold the thermal energy to desalinate the same amount of water.  
State-of-the-art MD systems feature refinement of the system proposed in Figure 6, or its variants 
VMD, SGMD and AGMD, primarily to reduce the thermal energy required, and more recently, the 
electrical energy. 
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2.2. State of the Art MD Research and Systems 
The principal research activities on MD can be divided broadly into two categories: 
fouling/performance testing, and energy efficient process design. With fouling/performance design, 
fundamental understandings of the diffusion mechanisms coupled with heat and mass transfer has 
unlocked the critical science needed to select optimal operating conditions, membrane materials  
and module designs that ultimately give better flux performance for the same operational  
conditions [52,53,127]. Fouling of membranes has explored scaling issues for the classic applications 
in brine concentration [72,128], and the more novel application in dairy processing [129]. While this 
research progresses to uncover further fundamental improvements, the focus here is on the novel 
process configurations that address the performance limitations defined in Section 2.1. The most 
notable organisations specialising in MD modules or high efficiency systems are: 
 Fraunhofer ISE (AGMD); 
 Memstill and Aquastill (AGMD); 
 Scarab (AGMD); 
 Memsys (vacuum enhanced multi effect AGMD). 
2.2.1. Fraunhofer ISE 
One of the earlier MD modules to appear was an AGMD module from Fraunhofer Institute for 
Solar Energy System (ISE), Germany. The innovative aspect of their design was a spiral wound 
AGMD system as shown in Figure 7. AGMD has the advantage in that the module itself features 
internal heat recycling to minimise the loss of latent heat, thus greatly reducing the thermal energy 
requirement. They propose to have achieved thermal energy consumptions of 140 to 200 kWh/m3 in 
their 2003 device [130], or greater than 4 fold improvement in the latent heat required to evaporate the 
same amount of water (GOR up to 4.5). 
Figure 7. (a) Section of Fraunhofer ISE’s spiral wound AGMD module: (1) condenser 
inlet; (2) condenser outlet; (3) evaporator inlet; (4) evaporator outlet; (5) distillate outlet; 
(6) condenser channel; (7) evaporator channel; (8) condenser foil; (9) distillate channel and 
(10) hydrophobic membrane; (b) Picture of the modules [42]. 
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With their latest design, shown in Figure 7, they can build between 5 and 14 m2 of membrane area 
into a single unit. Under certain conditions, thermal energy requirements can be as low as 130 kWh/m3 
as reported in 2011 [42], representing a GOR of 4.8.  
2.2.2. Memstill and Aquastill 
The Memstill system started development in 1999 by TNO (Netherlands Organisation for Applied 
Scientific Research) and emerged around 2006. Memstill was also based on the energy efficient 
AGMD concept (see Figure 8) and is probably one of the longest running projects trialling MD [34]. 
Memstill was developed by a consortium consisting of TNO and Keppel Seghers Belgium N.V. A 
costing based on Memstill’s system revealed that desalination by MD can reduce desalinated water 
costs to within the range of $0.26 to $0.50 per m3 water treated depending on the cost of the thermal 
energy  
provided [29]. The principle reason for this observed saving was cheaper plant materials to build their 
module in comparison to RO (RO uses high pressure vessels), and ability to utilise low cost heat 
sources (i.e., waste heat) as the principle energy source. Memstill pilots have been operating since 
2006 fed with raw seawater, with the first in Singapore, two in the Netherlands at the E.ON Benelux 
Power Plant, then a more recent trial at BASF, Port of Antwerp running until March 2011. A less 
successful trial (third Memstill trial) was conducted on brackish water from the harbour of Rotterdam, 
failing due to lack of monitoring and incorrect pre-treatment [131]. Trialling has featured modules 
containing up to 300 m2 of membrane area. Current plans are to operate at 100 m3/day scale on a 
petroleum refinery in Singapore located on Jurong Island [132]. The thermal energy required, claimed 
by Memstill in its years of trials, is as low as 56 to 100 kWh/m3 water produced (GOR up to 11.2). 
This is the lowest value reported from real testing (or highest GOR), but to achieve this, the water must 
be heated to 80–90 °C. The electrical energy required was assumed to be 0.75 kWh/m3 [133]. 
Figure 8. Concept of the Memstill process based around AGMD [133].   
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The Memstill technology has been licenced to Aquastill and Keppel Seghers for industrial module 
production. In 2008 and 2009, there was a large investment to reduce the cost of the MD  
modules [131]. In June 2012, Aquastill’s website indicates the availability of both air gap and direct 
contact MD modules as shown in Figure 9. These are in spiral wound configuration. 
Figure 9. Aquastill process configurations as found on the Aquastill’s website. Left 
configuration based on AGMD and right configuration based on DCMD with  
heat recovery. 
 
2.2.3. Scarab AB 
The Scarab AB system features an AGMD module, and has been trialled on numerous projects 
worldwide. The Scarab AB system has been trialled on solar ponds in 2004 by University of Texas at 
El Paso sponsored by the US Bureau of Reclamation [134,135], and using solar thermal collectors in 
Spain and Mexico by the MEDESOL project starting in 2008 [136]. In 2011, a trial under the 
MEDESOL project lasting 4 months was reported, finding issues related to membrane wetting over the 
longer term, fluxes of up to 6.5 kg m−2 h−1, and thermal consumption of 810 kWh/m3 [137] (GOR  
of 0.78). In the same year, results were reported utilising five Scarab AB modules producing 1–2 m3/day, 
trialled on a co-generation facility in Sweden (collecting the exhausted heat from power generation to 
send to district heating) [138]. The interesting feature of this work was the long term treatment of 
municipal water and flue gas condensate. The modules used in this trial, shown in Figure 10, involves 
a plate and frame design with each featuring a 1 mm air gap, 2.3 m2 membrane area, nine feed and nine 
cooling channels (total stack thickness 17.5 cm). The most recent developments utilising the Scarab 
AB system include the installation of a 10 module facility at Hammarby Sjöstadsverket in Stockholm 
featuring the removal of pharmaceutical residues from treated wastewater. Also, small scale solar 
driven systems are currently being explored, which will also involve module improvements [139].  
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Figure 10. The five module Scarab AB system installed at Idbäcken Cogeneration Facility 
(Nyköping) in Sweden [138]. 
 
2.2.4. Memsys 
The Memsys system is a relatively new MD technology that features a novel internal heat recycling 
concept that allows for reduced thermal consumption. The heat recycling shown in Figure 11, known 
as Vacuum-Multi-Effect-Membrane-Distillation (V-MEMD) utilises a multistage setup integrated into 
a compact plate and frame module. In doing this, Memsys has been regarded as state of the art in the 
MD technology field, as it has achieved a unique compromise in thermal energy consumption, 
membrane flux and module compactness. In its current state of development, since module production 
started in 2010, technical articles with trial results are currently unavailable. Pilot plants have been 
installed around the world, including in Singapore, Australia and India [140–142]. Memsys promises 
thermal energy requirements of 175–350 kWh/m3 (GOR up to 3.6) and electrical energy requirement 
of 0.75–1.75 kWh/m3. Memsys requires feed temperatures from 60 to 100 °C and cooling <40 °C.  
Figure 11. The new high thermal efficiency Vacuum-Multi-Effect-Membrane-Distillation 
(V-MEMD) process from Memsys [140]. 
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Memsys modules are 330 mm × 700 mm × 480 mm in dimension, with 3.5 m2 of both MD and 
condensation membranes. The MD membrane is made from PTFE and the condensation membrane is 
made from metal coated PP. Fluxes of Memsys systems have been demonstrated in the range of 6.8 to 
9.5 kg m−2 h−1. Current module capacity is specified at 50 m3/day [140]. 
2.3. Hybrid MD Systems 
MD is a separation process that offers several unique features that conveniently allow it to be 
integrated within other membrane operations. Most commonly, MD is integrated into RO,  
nano-filtration (NF), and the more developmental forward osmosis (FO).  
2.3.1. MD Integration with RO or NF 
One of the most logical technology partners for MD is RO or NF. There are two ways in which they 
can be integrated. The first is by using the RO brine as feed to the MD, or the NF or RO permeate as 
feed to the MD. These are represented in the flow diagrams presented in Figure 12. 
Figure 12. Simplified flow diagrams of hybrid RO/NF-MD systems. MD connected to RO 
concentrate (a) and to RO/NF permeate (b). Here NF is nano-filtration, FO is forward 
osmosis, RO is reverse osmosis. 
 
(a) (b) 
Using RO brine as a feed to MD (Figure 12a) has a great potential for MD utilization. This directly 
addresses the upper concentration limit of RO at around 70,000 mg/L, as MD is far less influenced by 
salt concentration. Typically, the need for an RO-MD process to increase water recovery is for inland 
applications where disposal of the brine is an issue. Testing of MD on RO groundwater concentrates 
revealed that the concept is indeed viable, but suffers from practical issues such as scaling on MD 
membranes [143]. A similar result was found for an RO-MD trial on a solar powered direct contact 
MD system in rural Victoria, Australia [104]. Membrane scaling led to flux declines, but flux was 
easily restored using an acid clean. Scaling was found to be effectively managed by cleaning or the 
addition of anti-scalant. For the RO-MD process, the individual RO recovery was 89%, and MD 
recovery was 80%, giving a total water recover of 98% for the combined system [143]. 
Integrating MD to treat RO or NF permeate (Figure 12b) is mostly concerned with MD 
pretreatment. Scaling has been identified as a major issue for MD membranes due to the capacity of 
scaling salts to “wet” the membrane (i.e., compromise the membrane hydrophobicity leading to saline 
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water leaking into permeate) [72]. To remove scaling salts for water demineralisation applications 
(final water quality 1.5 to 2.5 μS/cm), Gryta et al. [144] tested tap water treated by NF prior to MD. 
While CaCO3 scaling leading to flux decline was observed when treating the tap water directly by MD, 
HCl cleaning removed scaling and restored full flux performance. To avoid this fouling and cleaning 
issue, pretreatment using NF assisted the long term operation of MD, but precipitation of a 
predominantly silica solids clogged the entrance of the module. However, this was remediated by a 
simple filter at the module entrance. 
2.3.2. MD Integration with FO 
Forward osmosis (FO) is an emerging low pressure water treatment process that relies on the 
natural osmotic force to transfer water through a semi-permeable membrane from one solution to 
another. These solutions have differing dissolved solid contents, which means that while the water has 
been taken from a non-potable saline solution (e.g., seawater), it must be removed from the second 
solution (draw solution) to become useable pure water. MD has been proposed for this second removal 
step in novel space or protein concentration applications [145–147], schematically represented in 
Figure 13. Although little explored, FO could recover water from a brine with scaling salts such as 
groundwater or seawater into a pure NaCl draw solution. The draw solution is then reconcentrated by 
MD, and fresh water is recovered.  
Figure 13. Simplified flow diagram of FO-MD process for water desalination. 
 
2.4. MD Crystallization 
MD fluxes can remain relatively high at salt concentrations much higher than for RO [148]. MD, 
therefore, has a logical use in zero (or near zero) liquid discharge applications; however, precipitating 
salts must be managed to enable the high recoveries. MD crystallization has been proposed to remove 
the scaling/precipitating salts to maximise MD concentration factors [149–151]. The concept of an MD 
crystallization experiment is shown in Figure 14. MD crystallizers have been explored for model NaCl 
and Na2SO4 solutions, increasing salinity above saturation [149,151] and for sea water  
desalination [150]. Recently, the crystallisation of near saturated NaCl solution was explored, finding 
that at a certain concentration of the feed, sudden flux decline occurred. This was due to crystal 
formation at the membrane surface which in turn had detrimental effects to the membrane as salts can 
penetrate into the pores compromising salt rejection [152]. Further applications for MD crystallisers 
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have also been explored in other industries, for example in drug development [153]. The merger of 
MD with crystallisation, therefore, is an emerging area for MD and can expand to various industries. 
Figure 14. Experimental setup of the MD crystallization used by Tun et al. [149]. 
 
2.5. Recent MD Processes and Modifications 
2.5.1. Keppel Seghers 
A new module based around AGMD has been produced by the Singaporean enterprise Keppel 
Seghers. Two prototype units, “Module A” and a multistage “Module B” have been produced as 
shown in Figure 15, featuring 9 m2 of flat sheet membrane in each module [154].  
Figure 15. Keppel Seghers MD modules based around AGMD: a) module A and b) 
multistage module B [154].  
Comment [m17]: This figure was cut 
more of the top margin. Please provide a 
new version. 
 
Downloaded a new version but very similar 
to the previous figure. 
 
Permission sent in separate documentation 
Comment [m18]: Permission? 
 
Yes – sent in separate documentation
Water 2013, 5             
 
 
28
 
Utilising the same solar field in Spain for the MEDESOL project [137], a 7 month trial was run in 
2009 using the Keppel Seghers MD modules. Fluxes of up to 3.5 kg m−2 h−1were achieved using 
“Module A” and up to 5.5 Lm2/h using “Module B”. To achieve these fluxes, temperatures around  
80 °C were fed to the modules. Best thermal consumption of 294 kWh/m3 (GOR of 2.1) was reported 
using multistage “Module B”.  
2.5.2. Compact AGMD Modules 
A compact, small-scale and flexible AGMD unit was presented in 2012 by Cipollina et al. [142]. 
The unit has planar plate and frame geometry for easy assembly and disassembling, counter-current 
flows with internal heat recovery for thermal efficiency enhancement and cheap polymeric material 
(Figure 16). The system could be easily extended from single-stage to multi-stage units, and coupled 
with a polymeric heat exchanger for feed brine heating by means of solar energy or waste heat. The 
system can produce fresh water for small communities located in remote areas with potentially large 
availability of non-conventional energy sources. 
Figure 16. MD configuration with planar geometry [142]. 
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2.5.3. Membrane Distillation Heat Exchanger (MDHX) 
As shown in Figure 17, the MD heat exchanger (MDHX) proposes a MD concept where the heat is 
coupled directly into the MD module by directing separate process streams into the MD module to 
both supply and remove heat from the MD channels [155,156]. The benefits include conveniently 
merging MD and process heat exchange into a single unit, but also it allows for direct heat conduction 
where it is lost. This overcomes the limitation presented in Equation (13), yielding no theoretical limit 
on single pass recovery. 
Overcoming the single pass recovery limit was first explored theoretically by considering a module 
that condenses vapor on a heat transfer plate running in parallel to the membrane to supply the latent 
heat to the MD channel (Figure 18). The latent was then removed on the cold side of the MD channels 
by another parallel plate that boiled a fluid [126]. Despite promising improved single pass recovery 
that reduces the electrical energy requirement proposed in Equation (13), condensing/boiling vapor 
within a module is practically difficult and no experimental validation was presented. Instead, the 
MDHX concept is more practical, and the concept was validated with experimental data [155,156]. 
Figure 17. Concept of MDHX system that couples heat directly to the MD  
process [156]. 
 
Figure 18. Concept of adding and removing heat directly from the MD module to 
overcome single pass recovery constraints [126]. 
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Early experimental work demonstrated that single pass recoveries can be increased from 2% to 
14%, which leads to an electrical energy consumption <0.01 kWh/m3. Meanwhile, the thermal energy 
requirement is high, at around 1200 kWh/m3, so the simple form of the MDHX module has better 
applications in abundant, low temperature (<40 °C) waste heat applications. Higher thermal efficiency 
configurations are possible, but unexplored at this time. 
2.5.4. DCMD Module Improvements 
In 2012, Yu et al. presented computational fluid dynamics results on the benefits of improving the 
flow conditions in DCMD modules [157]. They used DCMD hollow fiber modules with and without 
annular baffles attached to the shell wall to investigate the effect of the intrinsic mass-transfer 
coefficient of the membrane on the module performance. The baffled module provided a significant 
mass flux improvement compared to a non-baffled module at a higher temperature. They suggested 
that by adding the baffles the fluid dynamics of the systems may improve and reduce the degree of 
temperature polarization (TP), which is believed to be one of the main causes responsible for low 
water flux. However, the added turbulence has an electrical energy penalty following Equation (13), as 
the module backpressure would in turn increase. The improved flux would have to outweigh the 
increased pressure to ensure the electrical energy requirement is not substantially increased. 
3. Advances on MD Applications for Water Purification 
Membrane distillation has important advantages that enable coupling with waste heat or renewable 
energy-driven systems such as geothermal or solar energy. Some advantages include the ability to 
operate at lower temperatures (50 °C to 80 °C), at higher brine concentrations and at lower pressures 
than other thermal-driven or pressure driven systems. Other advantages are the ability of the system to 
operate intermittently without causing damage to the membrane module or to the membrane if it dries 
out, and minimal chemicals are required for pre-treatment of the feed water [136,158]. 
3.1. MD and Renewable Energies 
3.1.1. MD-Solar Systems 
MD solar desalination is a sustainable option for regions with lack of freshwater that have large 
amounts of available solar radiation. Major components of a solar MD system are a solar collector, 
heat storage tank, heat exchanger, and MD module [43]. One of the reasons of interest for coupling 
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MD with solar energy collectors is the ability for MD to tolerate fluctuating and intermittent operating 
conditions and to operate with low grade thermal energy [159]. The operating temperatures of MD are 
similar to the temperatures at which solar collectors exhibit highest efficiency [43]. The energy 
generated by the solar collectors and PV panels can provide the thermal energy supply for the low 
operating temperatures required by MD [160]. It was reported that even though the initial cost of a MD 
solar system is a limitation, once the system is installed and in operation, the operational and energy 
costs are minimal [159]. A recent study [161] showed that for the AGMD system, increasing the feed 
inlet temperature had a significant effect in lowering the cost while high feed flow rate resulted in 
increasing water production cost. In solar panel (SP)-MD systems, the MD configuration will impact 
the final cost of the water. 
Bench- and pilot-scale studies have been undertaken on solar MD [43,130,137,159,161–166]; 
however, they are still few compared to studies with the more mature technology of solar PV-driven 
RO and solar distillation. A solar MD system was tested to recover water and reduce brine volumes 
from RO concentrates by Dow et al. [75]. The system consisted of evacuated solar tubes for collection 
of the required thermal input and a flat sheet MD module. The solar panels were capable of reaching 
60 °C, with efficiency as high as 70%. The researchers found a reduction of the performance of the 
solar panel to nearly half of the design capacity due to solar energy variability caused by external 
factors such as cloudy and rainy weather. They also found reduction of the module performance due to 
gradual scale build up inside the module. The RO concentrate that fed the MD systems contained 
approximately 3300 mg/L TDS with 200 mg/L calcium, 100 mg/L magnesium, 200 mg/L sulfate, and 
350 mg/L carbonate/bicarbonate. It also contained antiscalant which was added during the RO stage. 
The conductivity of permeate produced was <50 µS/cm at a flux of 3.6 kg m−2 h−1. 
Deng [167] found a decrease in thermal efficiency with time when using a flat solar collector to 
heat the feed water entering to a hollow fiber MD module, and attributed it to sunshine, wind, and 
cloud coverage. The purpose of the solar collectors was to provide the heat needed by brackish feed 
water entering the MD system. The maximum efficiency of the standard and flat panels evaluated was 
32.75% and 70%, respectively. The thermal efficiency of a homemade solar panel was also evaluated 
by the author, and found it to be only 5% due to lack of proper insulation of the cover glass to retain 
the heat adsorbed by the collector. 
An air gap membrane distillation (AGMD) module with a surface area of 9 m2 was tested for 
seawater desalination using a solar multistage MD system with a potential capacity of 0.5 m3/d to  
50 m3/d [136,160]. The heat source for the feed water used in the system was a compound parabolic 
solar concentrator. The system required a specific heat consumption of 1400 kWh/m3 with a total 
maximum distillate production of 20 L/h per module and a maximum single pass recovery ratio of 2% 
per module. Another AGMD module with a total surface area of 2.8 m2 was coupled with a static solar 
collector field (Compound Parabolic Collector type) and tested during solar hours (Figure 19) [137]. 
The system was integrated into a multistage layout to minimize energy consumption. A non-fouling 
coating for heat exchangers was used to avoid scaling. The MD system proved to be suitable for 
coupling with transient solar thermal energy but scale-up from laboratory scale affected specific 
distillate production and thermal consumption. A maximum specific distillate flux of 71 kg m−2 h−1 
was reported. Table 3 summarizes MD solar systems implemented and tested by different authors. 
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Figure 19. Schematic diagram of solar MD experimental prototype at PSA, Spain [137]. 
 
Table 3. Examples of reported solar-powered MD modules. 
System Collector 
area Capacity Flux 
Water 
application Reference 
Solar pond + AGMD 2.94 m2 – 6 kg m−2 h−1 – [134] 
Flat plate collector + hollow fiber MD 3 m2 50 L/day 17 L/m2 day – [168] 
Flat plate and vacuum tube collector MD 12 m2 40 L/h – – [169] 
Flat plate collector + spiral wound MD 10 m2 100 L/day – brackish [170] 
Solar collector + hollow fiber VMD 8 m2 – 32.2 kg m−2 h−1 groundwater [171] 
Parabolic solar concentrator – – 71 kg m−2 h−1 seawater [172] 
Solar MD system performance is measured by the solar radiation profiles which in turn are 
established by the design, integration and control of the individual components of the system. One of 
the major difficulties of solar MD systems is reaching steady state operation due to the intermittent 
nature of the solar radiation [75,167] and few attempts have been made to model the system behaviour. 
Chang et al. [43] developed a dynamic model for a solar driven spiral-wound AGMD system and 
investigated the performance of proportional–integral (PI) control systems with appropriate tuning of 
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parameters and selection of set point settings. Proportional–integral–derivative (PID) control systems 
have proven to be robust and are the most used by industry [173]. The authors suggest the use of an 
interior coil heat exchanger configuration for higher thermal energy absorption and longer operation 
time. Small and large scale stand-alone solar MD desalination systems have been developed to provide 
potable water in remote areas that lack both electricity and drinking water but have abundant solar 
irradiation [40]. A summary of commercial solar-powered MD systems is presented in Table 4. 
Fraunhofer ISE developed solar thermally driven compact desalination systems based on spiral wound 
MD for capacities between 100 and 500 L/day and larger systems of up to 10 m3/day. Eight pilot plants 
were installed in five different countries, i.e., Grand Canaria, Egypt, Jordan, Germany, and  
Italy [130,162,165,174]. The compact system in Italy was powered by a hybrid system using solar 
energy and waste heat from diesel engines [142]. 
Table 4. Multistage pilot and commercial solar-powered membrane distillation  
system [40,130,137,142,165,174]. 
Properties Scarab Medesol Memstill Memsys Smades 
Configuration AGMD AGMD AGMD VMD Spiral wound MD 
Surface area 2.3 m2 2.8 m2 9 m2 – 72 m2 
Membrane material PTFE PTFE – – PTFE 
Capacity 1–2 m3/day 0.5–50 m3/day 80 m
3/day 
50 m3/day 1 m
3/day 600–800 L/day 
Permeate flux 12–27 kg m−2 h−1 5–10 kg m−2 h−1 – – 2–11 L/m2 day 
Thermal energy 
Consumption 5–12 kWh/m
3 810 kWh/m3 22–90 kWh/m3 175–350 kWh/m3 200–300 kWh/m3 
Electricity 
comsumption 0.6–1.5 kWh/m
3 – – 0.75–1.75 kWh/m3 – 
Test sites Sweden Spain Singapore 
Rotterdam Singapore Jordan 
Stage Commercialised Pilot plant Pilot plant Commercialised Pilot plant 
Even though solar MD can be applied to produce fresh water in regions with large amounts of 
available solar radiation, the water cost derived from its implementation is still high, particularly 
because the cost of the solar heater is over 70%–80% of the total cost for the MD system. 
Implementation of SP-MD systems may be possible if the cost of PV panels, solar heaters, the 
membranes or other fixed capital costs items can be reduce [161]. From these items, the solar heater 
cost impacts the overall cost of water the most. To reduce the cost of the solar heater,  
Saffarini et al. [161] proposed rapid development in the area of solar heaters to have higher 
efficiencies and lower collector prices, and restrictions on the use of solar energy. The proposed 
alternative is to use other sources of heat for water heating. Waste heat provided by high-temperature 
brine from thermal desalination plants and waste heat from produced water generated at oil and gas 
wells are two examples. DCMD coupled with a heat exchanger may still be the best choice from a 
cost-effective configuration perspective even though high conduction losses from the feed to permeate 
are present. 
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3.1.2. MD-Geothermal Systems 
MD has been proposed as a desalination technology which can be driven by thermal energy from 
geothermal sources and only requires energy for pumping [175,176]. However, the use of geothermal 
energy for MD has not been widely developed. Bouguecha et al. [175] proposed coupling AGMD with 
a fluidized bed crystallizer (FBC) as an alternative for both desalination and removal of hardness from 
geothermal water. Some geothermal springs are characterized by high hardness and low grade 
temperature. In his experimental work Bouguecha et al. [175] found that the MD recovery fraction is 
not very high by using only the sensible heat from a geothermal well. To increase the recovery ratio, 
the researcher proposed coupling solar collectors with the geothermal energy. Hardness and coupling 
of FBC to MD are some of the difficulties encountered when attempting to obtain waste heat from 
geothermal water [175]. In geothermal areas with hot spring temperatures ranging from 145 °C to  
170 °C, brackish water is cooled to irrigate greenhouses and feed desalination plants. In the cooling 
process, a significant quantity of thermal energy is rejected to the atmosphere. Temperature 
requirements of traditional thermal desalination plants cannot be afforded by the supply of geothermal 
resources. Hot spring underground water contains minerals and dissolved organic material, including 
sodium, calcium, sulfate, and chloride. They can precipitate as the spring water discharges at the land 
surface [177]. Geothermal renewable energy can provide suitable and reliable heat supply for MD. 
However, the MD recovery fraction may not reach a high value using only the sensible heat from 
geothermal wells. Additional studies are required to explore the feasibility of coupling other energy 
systems with geothermal energy and MD with the purpose of increasing recovery ratio. Studies are 
also required to determine scaling and fouling caused by the hardness of the geothermal water. An 
economic analysis on geothermal MD was conducted by Bouguecha et al. [175] and is presented in 
Section 6. 
3.1.3. Industrial Wastewaters 
MD studies have been conducted using heat derived from waste sources as a viable treatment 
technology for industrial effluents. This will reduce discharge volumes to sewer and allow recovery of 
potable quality water without an increase of the greenhouse footprint. Availability to heat is unique for 
each location and process. Some MD experimental studies include those conducted by Dow et al. [75] 
to exploit the waste heat from heavy industry for treatment of saline effluents, producing high quality 
water for on-site reuse. Five different types of industries were selected for the study including a plastic 
foam producer, a frozen food producer, an electrical generator, a chemical manufacturer, and a plastics 
manufacturer. In their study, Dow et al. [75] obtained water recoveries greater than 90%. However, the 
effluent quality presented challenges to MD efficiency by generating resistance to the permeate flux 
through scale formation. The authors suggested the use of antiscalant commonly used in the water 
industry to reduce scaling. Regardless of the feed water quality, the permeate produced was of 
consistently high quality, except for the cases where ammonia was present and passed through to the 
permeate because of its volatile nature. Dow et al. [75] demonstrated that waste waters that contained 
volatile species are likely to degrade the high quality of MD permeate. 
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MD has been used to desalt hot brines and other aqueous solutions at feed temperatures below  
100 °C. However, the potential to apply this technology to treat feed solutions above 100 °C was not 
explored until recently. This is an additional advantage for MD over other traditional membrane 
separation processes like RO, which cannot utilize the heat available in the feed solution and requires 
additional energy for cooling of the feed solution. Singh and Sirkar [178] used DCMD with PTFE 
membranes to treat produced water at 80–130 °C obtained from steam assisted gravity drainage 
(SAGD). The produced water had a TDS concentration of 10,000 mg/L. Even though the pressure of 
the solution went up to 2–3 atm, the membrane did not show leakage of salt under the experimental 
conditions tested. The water generated from this process may be used for steam generation in the 
SAGD process. 
Global water scarcity and high oil prices have accelerated research to develop novel hybrid MD 
systems using renewable energy or waste energy. A freeze desalination and MD hybrid process was 
developed using waste cold energy released from re-gasification of liquefied natural gas (LNG) [179]. 
Researchers demonstrated that utilizing LNG cold energy greatly reduced the total energy 
consumption of the hybrid process with a total water recovery of 71.5%. It was reported that the water 
quality obtained met the standard for drinking water. 
Another important source of waste heat is the nuclear industry which is dominated by nuclear 
power stations. When working with liquid radioactive waste, the chemical and radiochemical 
composition of the effluents and their activity and total salinity has to be taken into account. 
Radionuclides, which are present in liquid low-level radioactive waste in ionic form, have been 
separated using a spiral wound MD module with hydrophobic PTFE membrane [180].  
Zakrzewaska et al. [180] reported that MD allows complete removal of radioactive species in one 
stage as compared to the multiple-stages process required with RO, and does not require additional 
processes to ensure sufficient purity of effluent discharged to the environment. The PTFE hydrophobic 
membranes used by Zakrzewska [180] showed good resistance to ionising radiation and strong 
chemical environments. The authors reported MD as a potential candidate for treating liquid low-level 
radioactive waste. 
Zakrzewaska et al. [116] also proposed MD to concentrate the radioactive substances separated 
from the non-active portion into a small volume for subsequent conditioning and disposal. The author 
reported that one of the main advantages of MD over reverse osmosis, which has already been 
implemented by the nuclear industry, is that there is no adsorption of ions such as 50Co2+, 137Cs+, and 
134Cs+ inside the membrane pores; and the generation of secondary waste is minimized.  
Zakrzewaska et al. [181] also showed the existence of a diffusion isotope effect in membrane 
distillation that enhances the separation factors for H2O/HDO and 16H2O/18H2O enrichment.  
Khayet et al. [182,183] conducted a comparative study of MD configurations for nuclear desalination. 
He proposed coupling DCMD with a nuclear reactor for water desalination and for low- and  
medium-level radioactive liquid waste concentration as an alternative integrated system for water and 
wastewater management in nuclear power plants. 
Some limitations have been reported on the use of MD in radioactive waste treatment [184]. They 
are mostly related to the type of membrane. Even though MD is a suitable option for low and 
intermediate level liquid radioactive waste purification, its application to high level liquid waste is 
limited due to radiation instability of hydrophobic polymer based membranes such as PTFE, PVDF, 
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and PP. High level radioactive wastes are strongly acidic and these membranes are chemically unstable 
in the waste [184]. Zakrzewska et al. [180] suggested that the proper selection of membranes depends 
on the chemical and radiochemical composition and total salinity of the effluent to be treated. MD has 
shown high retention capacity and large decontamination factors in the separation of radionuclides 
which are present in the radioactive waste mainly in ionic form [180]. 
A limitation for the implementation of MD in the nuclear industry is the high energy consumption 
and the difficulties with long term operation connected with the risk of membrane wettability. Spiral 
wound MD modules have a thermal energy consumption of about 600 kWh/m3 [180]. An alternative is 
to use MD for small and medium capacity plants utilizing waste heat or other cheap energy sources. 
An advantage of implementing MD in the nuclear industry is that a lot of waste heat can be recovered 
in many points around nuclear cycles and reused for technological purposes [180]. Hybrid RO-MD 
systems may also be applicable in the nuclear industry to improve both the efficiency of the RO 
process and the decontamination factor. The decontamination factor is calculated as the ratio of 
activity concentration of feed to activity concentration of permeates [184]. RO systems supplemented 
with MD units can help recover large quantities of high enthalpy streams and waste heat [180]. 
An increasing industrial application for MD is the treatment of wastewater resulting from the textile 
industry, including the purification of dye solutions. Typical treatment technologies for treating dye 
solutions are coagulation/flocculation, adsorption and oxidation by ozone or chlorination [185]. Recent 
studies coupled traditional treatment methods with DCMD [186,187]. Banat et al. [188] studied the 
potential applicability of VMD to separate methylene blue dye from aqueous solutions. In a more 
recent study VMD with PP membrane was used to concentrate solutions containing different amounts 
and types of dyes [185] while recovering pure water. The authors observed a decay in the permeate 
flux for all dyes studied, which was attributed to membrane fouling. Membrane swelling was  
also observed. 
Inorganic concentrates from RO and other desalination technologies can be potentially separated 
into high quality chemicals and reusable water using MD. Membrane distillation crystallization (MDC) 
has been proposed to recover concentrated solutions of magnesium sulfate from brines [189]. Water 
activities for concentrated solutions of varying ratios of sodium chloride and epsomite have been 
calculated using geochemical software. It has been established that the addition of a crystallizer stage 
after MD treatment reduces both the cost and environmental impacts due to brine disposal [189]. The 
performance of MD can, however, be influenced if the crystallization of salts takes place inside of the 
membrane module. Therefore, an evaluation of the kinetics of the crystallization process has to be 
understood. Kinetic studies on the crystallization of NaCl, Na2SO4, and CaCO3 have been conducted 
by Curcio et al. [190], Drioli et al. [191]; and Gryta [192,193]. Drioli et al. [191] used MDC to 
generate supersaturation in the salt crystallization process and recover CaCO3, NaCl, and 
MgSO4·7H2O from nanofiltration retentate. The influence of high concentrations of salts such as NaCl, 
MgCl2, Na2CO3 and Na2SO4 on permeate flux as well as rejection factors in a solar power system 
coupled with AGMD has been investigated by Alkhudhiri et al. [194]. The authors also investigated 
the energy consumption for high salt concentrations. They suggested that the latent heat of evaporation 
is related to salt concentration and that the energy consumption is almost independent of  
membrane pore size. 
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Factors influencing flux at close to saturation and the formation of salt crystals using MDC have 
been discussed by Tun et al. [149]. The researchers used two aqueous solutions of Na2SO4 and NaCl 
which have different solubility-temperature coefficient. They found that when operating in batch 
concentration mode without the crystallizer the flux gradually declined due to vapor pressure 
suppression and concentration polarization up to a critical degree of saturation. They also observed a 
rapid flux decline beyond the critical degree of saturation. They attributed this behavior to crystal 
deposition and scale formation on the membrane which reduced the membrane permeability. The 
Na2SO4 operated at a slightly higher degree of saturation due to its negative solubility-temperature 
coefficient which favours solubility in the polarization layer [149]. A narrow crystal size distribution 
with an average particle size of 60–70 µm were produced by a batch-type MD-assisted crystallizer. 
Tun et al. [149] concluded that temperature and saturation concentration both in the MD and the 
crystallizer are critical operating parameters for developing a steady state MDC process. The 
properties of CaSO4 crystal formation on the membrane surface in the MD process have been 
investigated by Gryta (2009) [192]. Gryta [192] confirmed that the formation of a deposit layer on the 
membrane surface is responsible for both flux decline and membrane wetting. The formation of CaSO4 
crystal on the membrane surface may also penetrate into the pore interior resulting in a damage of the 
membrane. Gryta [192] proposed to use crystallization to continuously remove salt from solutions that 
were contaminated with sparingly soluble compounds to prevent damage to the membrane.  
Gryta [192] also found that the negative effect of CaSO4 scale was weakened when co-precipitated 
with CaCO3. 
Membrane distillation has also found applications in metallurgical processes for which no other 
membrane-based systems apply. Some applications include concentrating waste acid, caustic and salt 
solutions with concentrations as high as 1 M [195]. In the metallurgical industry a large amount of 
waste heat is usually available. Additionally, the process generates stripping and extract solutions that 
require concentration [158]. A combination of Diffusion Dialysis (DD) and VMD has been proposed 
to concentrate sulfuric acid from the TiO2 hydrolysis process; concentrations of 65% purity have been 
obtained [196]. Diffusion dialysis prevented the crystallization and precipitation of FeSO4 that 
occurred when the concentration of H2SO4 increased inside of the VMD module. VMD was 
investigated to recover hydrochloric acid (HCl) from rare earth chloride solutions [197–199]. Highly 
concentrated HCl solutions are used in the solvent extraction process for rare earth solutions as the 
stripping reagent. Concentrations of HCl in the stripped liquor are as high as 2–5 mol/L. A traditional 
method for removing the HCl from stripped liquors is neutralization with large amounts of ammonium 
bicarbonate or by diffusion dialysis. One of the main disadvantages of neutralization is the generation 
of large quantities of waste reagent. The disadvantage of dialysis is a slow reaction process. Hybrid 
DD and VMD has been used to recover sulfuric acid from rare earth sulfate solutions as well [199]. 
A novel application for MD has been proposed by Cath et al. [147]. He incorporated MD into a 
combined direct osmosis/osmotic distillation (DO/OD) process to treat combined hygiene and 
metabolic wastewater in the NASA DOC test unit. In this study, Cath et al. [147] evaluated two 
configurations: A direct osmosis/MD (DO/MD) and a DO/membrane osmotic distillation (DO/MOD). 
The DO/OD process is isothermal and the only driving force stems from the concentration gradient 
across the two membranes. In the DO/MD configuration the driving force was temperature gradient 
only. In the DO/MOD configuration both the concentration and temperature gradients were the driving 
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forces of the system. Over a period of 15 days the DO/MD and DO/MOD fluxes were 4–20 and  
8–25 times higher, respectively, compared to the DO/OD process. MD and/or OD can be combined 
with DO in a dual membrane configuration to treat complex liquid streams that cannot be treated with 
either individual process. In the DOC test unit (Figure 20A) the hygiene wastewater is pretreated by 
DO (DOC #1). The stream of concentrated wastewater from DOC#1 is treated by DO/OD (DOC#2). 
The driving forces in the DO/OD membrane contactor are the osmotic pressure and partial vapor 
pressure gradients across the two membranes, which are induced by the concentration difference 
between the feed wastewater and the osmotic agent (OA) (Figure 20B). The DO/OD process takes 
place in a plate-and-frame module having four plates with eight pairs of membranes (Figure 20C). 
Figure 21 shows the concentration and temperature profiles for the three dual membrane processes 
evaluated by Cath et al. [147]. 
Figure 20. (a) Flow diagram for the NASA DOC wastewater treatment process, DO 
(DOC#1) and dual DO/OD (DOC#2); (b) Mass transport in the DO/OD membrane process 
in DOC#2; (c) Cross section of the DOC#2 plate-an-frame design [147]. 
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Figure 21. Concentration and temperature profile in (a) DO/OD; (b) DO/MD; and  
(c) DO/MOD dual processes [147]. 
 
Recently Susanto [158] summarizes novel applications for MD. They included separation of 
methanol-water mixtures by combining micro-fluidic channels with SGMD, and separation of 
benzene-toluene mixtures. The performance of the MD based micro-separator was studied with 
different liquid-vapor/gas membrane contactors with respect to the separation factor and the distillate 
flux. Operating parameters of the system that were varied include methanol concentration in the feed, 
the feed temperature, the feed flow rate, and the flow rate of the inert carrier gas nitrogen. The nitrogen 
flow rate was the most important parameter influencing the separation performance of the  
micro-separator. The temperature polarization effect was reduced by selecting an appropriate 
membrane liquid-vapor/gas contactor. Hydrophobic PVDF, oleophobic PTFE on PE support, and 
oleophobic PES on PE support micro-porous membranes were used [158,200]. 
To separate benzene and toluene, a ceramic hollow fiber membrane contactor was used. The 
ceramic hollow fibers were operated at 93–97 °C for 100 h and demonstrated high chemical and 
thermal stability, conditions that most polymeric membranes would not stand. The membrane 
contactors operated over the flooding limit of conventional packed columns because the vapor and the 
liquid phases were separated from each other. The use of ceramic hollow fiber membrane contactors 
looks promising for solvent distillation at a large scale [158,201]. 
3.2. Food Industry 
3.2.1. Juice Industry 
The food industry has great interest in MD systems for a wide variety of reasons and MD has 
principally been explored for juice applications. MD can be used in its conventional arrangement 
driven by temperature difference across the membrane, but vapor pressure difference can also be 
imposed by differences in concentration [53]. This MD type is known as osmotic distillation. Avoiding 
high temperatures of evaporators, or by using different operating conditions to RO, a unique function 
in the separation can be obtained, for example avoidance of flavor losses in fruit juice  
processing [202,203]. A potential application for MD is the concentration of fruit juices at 
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temperatures lower than other thermal methods. The main advantage of concentrating juice at low 
temperatures is that the organoleptic traits, as well as flavours, of the fresh juices are better  
preserved [204,205]. Reduction of flux may occur due to increase of the juice viscosity and 
deterioration of the hydrodynamic conditions of the process. In the concentration of apple juice using 
DCMD, Gunko et al. [206] obtained 50% solids content when the permeate flux reached 9 kg m−2 h−1. 
The author observed that by further concentrating the juice to 60%–65% solids the flux reduced to 
about 3.0–3.8 kg m−2 h−1, which may result in a decrease in the biological value of the  
concentrate [206]. Using DCMD and a hollow fiber module Lagana et al. [119] produced a highly 
concentrated apple juice. They found that the trans-membrane driving force decreased with increasing 
membrane temperature but increased with higher feed and distillate flow rates. The author also found 
that the viscosity of the juice at high concentration induced a high polarization phenomena. 
Orange juice was concentrated by using DCMD and PTFE membranes treated with alcohol-water 
solutions [207]. The purpose of the mixture was to modify the hydrophobicity of the membrane. 
Parameters such as feed flow rate, temperature difference, and concentration of sugar solution were 
studied as a function of the trans-membrane flux. Researchers observed that the trans-membrane flux 
increased with increasing flow rate for both treated and untreated membranes, which was attributed to 
a reduction of the temperature polarization. An increase of 36%–43% of trans-membrane flux as 
compared to non-treated membrane was also observed. It was attributed to improvements in the 
membrane surface, which may have been caused by converting it from hydrophilic to hydrophobic 
during the treatment with alcohol. Results obtained with AGMD using sucrose aqueous solutions have 
also been reported [208]. 
Additional applications in the juice industry have been found using VMD. Results on must 
concentration using vacuum membrane distillation (VMD) to increase the alcoholic potential of the 
must have been reported by Bandini and Sarti [204]. Must is an acid complex juice obtained from 
grape pressing that contains a variety of aroma compounds. More recently, a hollow fiber VMD 
module was used to recover the main pear aroma compound, ethyl 2,4-decadienoate from a model 
solution dissolved in an ethanol-water mixture [209]. Operating variables such as aroma feed 
concentration, feed flow rate, temperature, and downstream pressure were tested. The authors found 
that the temperature and pressure are variables with a strong influence on process performance. 
Reversible sorption of the aroma compound onto the membrane material was also observed. 
3.2.2. Dairy Industry 
MD has been explored to evaluate its potential application for dairy processing. In dairy 
applications, evaporating whey and skim milk can be done with MD at milder temperatures [129,210]. 
Recently a study was conducted in Australia to concentrate whole milk, skim milk, whey and a pure 
lactose solution using DCMD with PTFE flat sheet membranes [129]. The purpose of the study was to 
evaluate the performance of the process for improving the sustainability of dairy processing from milk 
down to pure lactose. Dissolved solids retention of about 100% and no effect of the dry-matter 
concentration in the feed was reported. However, the flux from DCMD using whey solutions  
(10 kg/m2 h) were two times greater than the flux treating skim milk (5 Kg/m2 h), indicating that 
caseins reduce performance of DCMD with the PTFE membrane materials used. Despite the drivers in 
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product quality, the need for membrane technology in dairy processing should focus on water and 
energy sustainability [211]. 
Despite the potential for MD in foods systems (juice and dairy), wide commercial implementation 
has not taken place yet. The reasons are similar to water treatment in that while RO and evaporators 
are readily available and commercial, MD struggles to find a niche [212]. The economic drivers in 
foods industries are similar to water treatment in that MD proposes to be a cheaper alternative to 
evaporators used to concentrate products including juices and dairy mentioned above, or even 
sugarcane juice [120]. Evaporators enjoy their state-of-the-art status, long industry experience, and 
wide variety of suppliers world-wide. Likewise, when competing with RO, MD faces the lack of 
maturity in comparison to RO already working in food processing lines. But uniquely for foods 
industries, the value of the product processed is greater than for water treatment, so technology drivers 
can also focus on the high value of various concentrated compounds. Efforts to justify MD in foods 
industries should focus on the unique separation functions compared to alternatives, as well as the cost 
incentives already understood from the costing applied to water treatment. Based on the virtues of MD 
for water and energy sustainability, it is likely to be commercial opportunities in foods industries will 
be measured by both energy savings and improved food product quality. 
4. Advances on Membrane Fabrication for MD 
The structure and chemistry of membranes for Membrane Distillation (MD) are critical to achieve 
high performance, i.e., the generation of a large amount of distilled solvent at very low salt 
concentration. The membranes need to be specifically designed to maximize the solvent vapor 
permeability while avoiding liquid solvent transport. Although MD has also been used to separate 
mixed organic solvents and organic-aqueous mixtures, most of the examples and studies described and 
discussed in this section will concern, unless otherwise specified, membranes designed for the 
treatment of solutions where water is the major solvent. 
A number of membrane fabrication strategies have been investigated since the early days of MD 
research, but as initially defined by Smolders et al. in 1989 [13], a suitable membrane needs to exhibit 
certain characteristics in order to be viable in MD. Although, the membrane should be porous, it 
should not be wetted by the process liquids under the pressure applied within the membrane module. 
Furthermore, no capillary condensation should occur within the pores, while the membrane itself 
should not affect the vapor/liquid equilibrium of the system being desalinated. Finally, at least one side 
of the membrane should be in direct contact with the process liquids while only vapor should be 
transported across the pores of the membrane. 
The properties and structure of the surface of the membrane are highly important, and the 
requirements may vary depending on application and the type of MD configuration in which the 
membrane is being used: VMD, AGMD, SGMD or DCMD. While SGMD and VMD are the most 
energy intensive MD techniques, they are generally preferred to separate two mixed liquids having 
different boiling points to avoid further treatments linked to the contamination of another carrier liquid 
on the permeate side [1,19,22,30,213]. On the other hand for water purification, desalination and 
dewatering AGMD and DCMD are generally used since only water is evaporated from the bulk  
feed [115,214–220]. 
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4.1. Membrane Properties 
4.1.1. Morphology 
Both flat-sheet (FS) and hollow fiber (HF) membranes have been operated in MD [218–221]. HFs 
exhibits a higher area-per-volume ratio and can be more easily assembled into membrane modules. 
However, HFs were also shown to be more susceptible to mechanical failures than FS membranes. In 
this section, focused on membrane materials, few considerations will be given to the geometry of the 
fibers, and discussion will focus on different membrane morphologies. 
Appropriate MD membranes can be either symmetric or asymmetric with, respectively, one single 
thick active layer or a thin active layer reinforced on a support layer. Although the criteria developed 
in this section [13] apply to the four MD configurations, DCMD is preferred when high flux is 
required as it has a small air-gap through which vapor is driven. The air-gap in DCMD is confined to 
the membrane thickness/porosity whereas because of the additional feature required to condense the 
water vapor, it is larger in the other setups. Furthermore, as DCMD relies on a liquid/air gap/liquid 
interface, membranes designed and used in DCMD typically exhibit the highest resistance to vapor 
permeability [222]. Performance across the membranes will therefore be more sensitive to surface 
chemistry or morphology variations in DCMD compared to the other MD configurations. DCMD 
therefore, stands as a better benchmark to test the impact of different membrane materials and 
structures on the process performance. It should be noted however, that DCMD is also more 
susceptible to reduced energy efficiency and flux resulting from thermal conduction through the 
membrane because of the higher heat transfer coefficient from the membrane to the liquid permeate 
phase compared to the heat transfer coefficients from the membrane to the gas phase for the other MD 
configurations. Therefore, membrane performance in DCMD will over emphasis the significance of 
membrane thermal conductivity if the membranes are to be considered for use in AGMD, VMD 
or SGMD. 
As shown in Section 1, vapor transport across a membrane in MD can be defined globally by the 
following Equation: 
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(14) 
where f is the permeance of the membrane, K(T) is a function of temperature and molecular weight of 
the gas; r is the average radius of the pores, ε the porosity, b the thickness and τ the tortuosity of the 
membrane. The value of α varies with the type of permeation regime under which vapor permeates 
across the porous membrane. The value β varies with the ratio of the mean free path, l, to the average 
pore size of the membrane [1,78]. 
The active layer needs to be as thin as possible to enhance permeance while presenting a low 
tortuosity path to the water vapor (Equation (14)). Membranes for MD generally have pore size 
distributions lying between 0.2 and 1 μm [1,222,223] while the porosity of commercially available 
membranes is often >60%–70% and the thickness of their active layer comprised between a few dozen 
up to a hundred microns. However, membranes that are too thin are thought to allow liquid transport 
Field Code Changed
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through the membrane [52] and a practical minimum thickness for 1 µm pore size membranes  
is >30 µm. 
4.1.2. Surface Energy 
The typical upper limit pore size finds it source in the second main criteria ruling MD: avoiding 
direct liquid bridges across the membrane. As shown in Equation (15), the LEP of a membrane relies 
on a number of parameters. The LEP defines the minimum pressure to be applied across a membrane 
to generate direct liquid permeation. The likelihood for wetting across the membrane decreases with 
smaller pores as it does with more hydrophobic materials, repelling the water and forming a positive 
meniscus above the membrane surface. 
max
cos2
r
BLEP L 
 
(15) 
where B is a geometric factor determined by the pore structure, γL the liquid surface tension and θ is 
the liquid/solid contact angle and rmax the largest pores in the structure. 
The pore size is, therefore, critical in order to limit the risk of liquid bridging across the membrane. 
Although no thorough study has been published concerning the change of LEP with water or synthetic 
seawater for different materials exhibiting similar morphologies and tested in very similar conditions, 
two publications on the change of LEP as a function of the alcohol content in aqueous mixtures can 
enlighten the reader and further demonstrate how surface energy and pore size are critical to achieving 
high selectivity [224,225]. As shown in Equation (14), the permeance is directly proportional to the 
average pore size and to the porosity of the membrane. Therefore, a trade-off is necessary and the pore 
size needs to be small enough to address the wetting criterion while large enough to facilitate efficient 
vapor transport. 
4.1.3. Heat Transfer in MD 
The third critical membrane parameter in MD is the thermal conductivity of the membrane which 
directly impacts on the heat transfer, and therefore on the vapor pressure equilibrium as presented in 
Section 4.1.1. Most of the heat transferred across the membrane should be carried with the vapor, and 
heat losses due to conduction through the membrane material and convection of liquid in the boundary 
layers should be minimised for optimum energy efficiency. A Global heat transfer coefficient, GMD in 
DCMD has been previously defined as in Equation (16) according to [78]: 
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(16) 
where hf is the feed boundary layer heat transfer coefficient, hp the permeate boundary layer heat 
transfer coefficient, hm the membrane heat transfer coefficient, Jw the pure water flux across the 
membrane, ΔHv the variation of enthalpy, and Tmf and Tmp the temperature of the membrane surface 
for the feed and permeate, respectively. 
As the driving force in MD is directly related to the vapor pressure difference between the boundary 
layers on each side of the membrane, it is critical to maintain a large temperature difference and reduce 
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heat loss by conduction. As shown in Equation (17), reducing the heat transfer coefficient hm of the 
membrane material will directly impact the global heat transfer coefficient and reduce process heat 
losses [226,227]. As hm is directly proportional to the thermal conductivity, an accurate measurement 
of the thermal conductivity or of the thermal diffusivity can therefore lead to a better understanding of 
the heat transfers in DCMD. Tuning the material’s heat conduction properties and especially the 
membrane surface heat diffusivity can, therefore, have a significant impact on the shape and depth of 
the boundary layers, and have the potential to enhance performance. 

Th
mh  (17) 
4.1.4. Surface Roughness 
Surface roughness is also critical, because it will affect a number of properties including surface 
fouling [228] and the contact angle of water on the membrane surface [229]. A change of wetting 
behaviour will likely affect heat conduction across the top membrane layer, therefore, clearly affecting 
performance of MD membranes. Although wetting was shown to be facilitated by rough hydrophilic 
surfaces [230] as more points for spreading are offered to the liquid, this is not always true for 
homogeneous hydrophobic materials and was shown to highly depend on the composition of the 
surface and the shape of the roughness extrusions [231,232]. As the average roughness increases, the 
advancing angle of liquids on hydrophobic surfaces tends to be increased due to the larger number of 
interactions between the nodules and obstacles composing the surface of the membrane and the liquid. 
This tendency, known in surface science as the lotus effect, is particularly enhanced for materials 
exhibiting contact angles >150° with the wetting liquid [232,233]. A convenient way to measure 
roughness is typically given by the roughness factor κ, defined as: 
n
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(18) 
where An and Am are respectively the area calculated as the projection of the object on a plan normal to 
the main direction of the surface, and the surface area measured by any experimental adsorption 
technique [229]. 
The measured surface roughness and area can be obtained by a number of techniques, such as 
atomic force microscopy (AFM) [234], gas adsorption (BET) [235], diffuse X-ray spectroscopy [236] 
or laser light scattering [237] depending on the size of the pores and the accuracy sought. In the case of 
membrane surfaces, the difficulty resides in the definition of what the true roughness is or, in other 
words, how deep one wants to consider fluctuations from the surface as the surface or the inside of the 
pores [238–240]. The characterization of surface roughness is often ignored in MD as the process is 
considered to be mostly unaffected by fouling. However, surface roughness as shown does have  
other implications on the performance of membranes for MD and should, therefore, be more 
thoroughly studied. 
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4.2. Inorganic Based Membranes 
4.2.1. Ceramic Membranes 
Metal oxides of alumina, iron, silica, titania or zirconia are commonly used for the fabrication of 
ceramic membranes [241]. These membranes can either be intrinsically selective due to the bulk 
material’s pore size, or composed of a thin active layer supported on a highly porous alumina support. 
Such membranes are typically applied to filtration applications, but some work for MD applications is 
emerging. The morphology of these membranes is typically more homogeneous than that of polymeric 
membranes as the crystallites forming the network of the membranes are even in size (SEMs in  
Figure 22a,b). Although most work utilises commercial supporting materials, other works investigated 
the use of natural clay [242], in the form of aluminium phyllosilicates, to process thin membranes. The 
advantages of ceramic membranes over organic membranes are associated with their mechanical 
stability over large pH ranges and when exposed to aggressive chemical environments. The 
membranes can, furthermore, be applied with a range of organic solvents without enduring strong 
degradation [202,243], whereas most polymeric materials are not suitable for use with chemically 
aggressive feeds [241].  
As shown in Table 5, most of the ceramic membranes fabricated were tubular membranes. The 
contact angle on raw metal oxide materials were typically around 60° to 80°. The materials exhibit 
high surface energy and are therefore naturally hydrophilic, requiring functionalisation with 
hydrophobic groups in order to satisfy MD requirements [244,245]. Short aliphatic oligomers,  
alkoxy-silanes or fluoro-polymers can be easily grafted onto the surface of the membrane following a 
sol-gel approach, where the hydroxyl groups naturally present on the metal oxide are used to react with 
functional groups of the oligomers [242,246–248]. 
When pore sizes of the membrane approach that of the water molecule, the membrane participates 
in size selective diffusion and thus the process becomes known as pervaporation. Pervaporation based 
desalination on ceramic membranes with small pore top layers was conducted on silica and zeolite 
materials [249–252]. The advantage of pervaporation based desalination is that the material no longer 
needs to be hydrophobic to retain the liquid water. Since water must diffuse at (or close to) the 
molecular level in the small pores of the material (<1 nm), liquid water cannot freely penetrate the 
material at low pressures so the material can be hydrophilic and is therefore not susceptible to 
wetting issues. 
Due to the brittleness of the materials, the thickness of the membrane wall was typically between 
~500 and 2000 µm, decreasing the permeability of the membrane when compared to thin polymeric 
membranes. Although most of the membranes studied were symmetric, the best performing 
membranes were asymmetric, being surface grafted fluoro-silanised alumina membranes [246]. These 
membranes gave fluxes up to 8.1 kg m−2 h−1. The lower performance, when compared with polymeric 
materials, added to the higher cost of the materials and of processing has limited their development. 
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Table 5. Performance of inorganic membranes. 
MD 
configuration Material Geometry 
Maximum flux 
(kg m−2 h−1) 
Driving 
force * (kPa) Reference 
AGMD Alumina-fluorosilane functionalized Tubular 6.02–6.76 70 [247] 
DCMD Alumina-silanized Flat disc 7.8–8.1 12.23 [246] 
VMD Titania (5) Tubular 6.08 0.3 [244] 
VMD Zirconia (50) Tubular 7.5 0.3 [244] 
AGMD Zirconia (50) Tubular 2.7–4.7 38.5–83.9 [244] 
DCMD Zirconia (50) Tubular 1.7–3.95 38.5–83.9 [244] 
AGMD Alumina Tubular 5.39 70 [248] 
AGMD Zirconia Tubular 2.8–6.9 70 [248] 
AGMD Alumino-silicate Tubular 5.08 83.9 [245] 
AGMD Alumina Tubular 4.91–5.04 83.9 [245] 
AGMD Zirconia Tubular 5.08 83.9 [245] 
AGMD clay with perfluorodecytriethoxysilane (pore size 15 nm) Flat disc 3.95–5.83 47.36 [242] 
AGMD clay with perfluorodecytriethoxysilane (pore size 180 nm) Flat disc 5–7.2 47.36 [242] 
VMD + Alumina Flat sheet 0.72 47.36 [249] 
VMD + Silica Flat sheet 1.7 [249] 
Notes: * The driving force was calculated from the provided values of temperature and Antoine’s equation 
was used to calculate the pressure difference across the membrane air gap; + Even though the configuration is 
VMD, The system performs as pervaporation. 
4.2.2. Carbon Nanotube Based Membranes 
Carbon nanotubes (CNTs) have attracted growing attention in separation due to their unique 
mechanical, thermal and chemical properties [253,254]. As grown multi-wall CNT are intrinsically 
inorganic structures as they do not contain any C–H bonds, except at their tips. Recent work 
investigated assemblies of CNTs into paper-like structures called Bucky-papers (BP) as self-supporting 
membranes, where the CNTs were held together solely by Van der Waals forces [54]. Very thin 
membranes, with narrow pore size distribution averaging (~20 nm, SEM  in Figure 22c) were 
processed this way and permeance up to 0.8 × 10−8 kg m−2 h−1 Pa−1 were achieved in DCMD for a 
temperature difference of 60 °C (Thot = 65 °C, Tcold = 5 °C). The major limitation of these membranes 
was their short lifespan, as cracks were found to form across their thickness during testing. These 
cracks, although localised, lead to direct bridging between the feed and permeate, which over time 
reduced salt rejection (Table 6). 
Table 6. Properties and performance of the CNTs membranes for water Desalination. 
Sample 
Porosity 
(%) 
Thickness 
(µm) 
Pore  
size 
(nm) 
Contact 
angle (°) 
Flux 
(kg h−1 m−2) 
Salt  
rejection 
(%) 
dP 
(kPa) 
Permeability  
(×10−8 kg m−1 h−1 Pa−1) 
Self-supporting BP 90 55 25 118 12 94 40.43 1.63 
Sandwiched BP 90 140 25 105 15 95.5 55 3.81 
PTFE coated BP 88 105 25 155 7.75 99 78 1.04 
Alkoxy-silane 90 62 23 140 9.5 98.3 35 1.68 
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functionalized BP 
Multi-layer BP composites were processed by hot-pressing the BP with a thicker poly(ethylene) 
(PE) porous support. In addition, a series of composite membranes infiltrated with poly(styrene) (PS) 
and poly(vinyl-fluoride) (PVDF) were fabricated in order to mechanically stabilize the structure and 
improve the lifespan and performance of the membranes [214,254]. These structures were tested 
continuously over periods of time up to 40 h, and exhibited similar permeation and improved salt 
rejection. CNTs were also side functionalized with alkoxy-silanes in order to enhance the 
hydrophobicity of the surface layer [255]. In a similar approach, BPs were surface coated with 
poly(tetra-fluoro-ethylene) (PTFE) in order to lower the membrane surface energy [256] (Table 6). 
The improved performance and lifespan of the surface modified membranes demonstrated the 
importance of surface hydrophobicity in MD and how better more efficient membranes could be 
fabricated by finely tuning the chemistry of the CNTs. The permeance for water desalination across all 
these membranes, however, remained lower than that of commercial 0.2 µm pore size PTFE 
membranes, used here as a benchmark. This was attributed to the combined smaller pore size 
distribution of the BP membranes and to the larger thermal conductivity of the CNTs. Although, given 
the chemical and mechanical stability of the nanotubes, the later more robust membranes could find 
applications in the treatment of organic solvents where organic membranes remain more sensitive 
to degradation. 
The thermal conductivity of the self-supporting BP membranes was found to be ~10 times greater 
than PTFE membranes tested in similar conditions [54]. This was attributed to the much larger heat 
conduction of graphene as opposed to PTFE and was proposed as an explanation for the lower 
permeation across the BP membranes. 
4.3. Organic Based Membranes 
4.3.1. Polymeric Membranes 
Polymeric membranes made of PTFE or PVDF have been commercialized since the early 1980s by 
a number of companies (Table 7). These membranes were not initially directed to membrane 
distillation but as hydrophobic membranes for MF or UF. 
Membranes made of a single polymer or copolymers have been processed since the early 1990s at 
laboratory scale [257]. As described in Section 4.1, commercial micro and ultra-filtration membranes 
made of PVDF, PTFE and PP have been used for decades as MD membranes. The main materials 
typically used for laboratory scale membrane fabrication are PVDF (SEMs of hollow fiber membrane 
in Figure 22f–h). Poly(ether sulfone) (PES), cellulose acetate (CA), and PE as these can be dissolved 
in a variety of solvents, easily cast to fabricate a membrane and functionalized to alter their properties. 
PVDF has particularly attracted attention as its hydrophobicity is naturally larger than the other 
polymers. PVDF copolymers exhibiting a larger fluoride ratio have also been fabricated to further 
enhance the hydrophobicity [258]. However early works also considered using hydrophilic 
membranes, such as cellulose acetate. These membranes were used either as supports for the deposition 
of more hydrophobic materials [259] or surface modified to render them hydrophobic [257]. 
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Table 7. Examples of commercial membranes used in MD. 
Product Manufacturer Material Support Pore size (μm) 
LEP 
(kPa) Reference 
TF200 Gelman/Pall PTFE PP 0.2 282 [260] 
TF450 Gelman/Pall PTFE PP 0.45 138 [260] 
TF1000 Gelman/Pall PTFE PP 1 48 [260] 
Emflon Pall PTFE PET 0.02 1585 [261] 
Emflon Pall PTFE PET 0.2 551 [261] 
Emflon Pall PTFE PET 0.45 206 [261] 
Emflon Pall PTFE PET 1 137 [261] 
FGLP Millipore PTFE PE 0.2 280 [260] 
FHLP Millipore PTFE PE 0.5 124 [260] 
Gore Filtration media Gore PTFE PP 0.2 368 [260] 
Gore Filtration media Gore PTFE PP 0.45 288 [260] 
Gore Filtration media Gore PTFE PP 0.2 463 [260] 
GVHP Millipore PVDF None 0.22 204 [260] 
HVHP 
Millipore PVDF None 0.45 105 
[260] 
Membrane solutions PTFE PP 1.0 24 
GE PTFE PP 0.22 154 
GE PTFE PP 0.45 91 
GE PTFE PP 1.0 48 
Notes: PP, PE, PET respectively correspond to poly(propylene), poly(ethylene) and poly(ester). The contact 
angle on PVDF and PTFE was reported to be 90° and 140°, for surface energies of 30.3 mN m−1 and  
9–20 mM m−1 at 20°C [262]. 
4.3.2. Hydrophilic/Hydrophobic Membranes in DCMD 
The concept of dual hydrophilic/hydrophobic membranes was initially introduced in the early 1990s 
as a novel approach to limit heat polarization across the membranes in DCMD. The heat polarization 
effect is stronger in DCMD than in other MD process as heat is directly diffusing from the hot feed to 
the cold permeate and there is no air insulating layer on the permeate side. The dual layer  
approach consists of forming a membrane which will exhibit simultaneously both hydrophilicity  
and hydrophobicity. Typically the two sides of the membranes present opposite water wetting  
behaviours. Previous publications have shown that multi-layer approaches with gradients of 
hydrophobicity/hydrophilicity can lead to high performance MD membranes [47,61,259]. This 
suggests that hybrid structures where a highly hydrophobic surface is put in contact with the feed, 
while a hydrophilic surface is in contact with the permeate may provide improvements in MD 
performance (Figure 22d). The wetting is more favourable on the permeate side which was shown to 
reduce temperature polarization and help condensation of the water vapor and diffusion of the heat into 
the bulk permeate water [263,264]. This might lower the temperature difference between the two sides 
of the membrane and also improve thermal efficiency by reducing the thickness of the air gap across 
the membrane. As previously described, partial wetting could enhance the chances of low rejection, 
and work to understand the process behind multi-layer MD membranes and their potential has been 
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conducted [77,259,265]. Although dual layer membranes were mostly processed as HF [127,265–269], 
a number of studies also performed similar approaches on flat sheet membranes [263]. 
Research continues to improve MD membrane permeability, as this is one of the main reasons for 
wetting and low permeate flux. Hydrophilic ultrafiltration PES membranes have been converted into 
hydrophobic membrane for MD using CF4 plasma surface modification [270]. The plasma 
modification converted hydrophilic membranes of a contact angle of 0° into hydrophobic membranes 
with water contact angle above 120°. It was assumed that fluorination was responsible for the 
wettability change of the membrane from hydrophilic to hydrophobic due to insertion and possibly 
deposition. Stable membrane performance with no leakage, high water flux, and high salt rejection 
was reported. 
With the purpose of reduce wettability in the DCMD process, PVDF membranes have been 
successfully engineered to make them super-hydrophobic, with water contact angle of 130°, and  
super-oleophobic to glycerol. The modification was made by generating multilevel roughness and 
reducing the surface free energy of the membranes via TiO2 coating by low temperature hydrothermal 
process followed by fluoro-silanization of the surface [271]. A significant 50% increase of the liquid 
entry pressure (LEP) of water, without compromising the mean pore size, was reported. The 
interaction between the feed water solution and membrane surface was reduced by shifting the 
wettability of the membrane surface toward super-hydrophobicity, thereby preventing feed liquid 
penetration or flooding of the membrane pores, and generation of contaminated water and low fluxes. 
4.4. Hybrid and Exotic Membranes 
4.4.1. Mixed Matrix Nano-Composite Membranes 
Graphene particles and multi-wall CNTs have also been incorporated into PVDF HF to alter the 
thermal properties of the membranes [267]. As opposed to what is typically assumed in MD  
diffusion [52], the larger water vapor permeation across the CNT-PVDF hollow fibers was attributed 
to the composite membranes increased thermal conductivity. The presence of 40 wt % graphene and 
10 wt % CNTs increased the thermal conductivity by nearly 6 times when compared to the 40 wt % 
graphene only composite membrane and up to 11 times when compared to that of pure PVDF. The 
morphology of the HFs processed this way, did not highly differ from that of the pure PVDF 
membranes, although graphene and CNTs were found to be nodules and bridging points in the 
composite structure (Figure 22e). An alternative explanation to the permeation increase may be related 
to the fact that the presence of the nano and macro particles had in fact reduced the true heat diffusivity 
of the membrane, as opposed to that of the bulk material. The measurement of thermal properties for a 
porous material is difficult due to issue of the control of the interface of contact between the membrane 
surface and the measurement device. Although in a bulk dense material, the trends reported by the 
authors would make sense, it is not obvious for a porous material. Additionally the presence of the 
particles may have increased the surface roughness of the membranes, therefore, affecting the contact 
angle and the surface heat conduction or reduced the compressibility of the membrane. 
A number of studies have also incorporated hydrophobic macro-particles in the polymer blends 
used to alter the surface energy of the polymer membranes [56,64,263,264]. Upon phase separation, 
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the migration of the particles led to a drastic change of the surface energy and surface roughness of at 
least one side of the membrane, which enhanced the performance of the membranes when compared 
with the un-modified membranes. This again likely increased the surface hydrophobicity while 
simultaneously decreasing the thermal conductivity of the membrane surface by reducing the contact 
area between the membrane and the liquid streams. 
Figure 22. Morphology of membranes used in MD: Flat sheet (left column) and hollow 
fibers (right column): (a) Hendren et al. [246] Anodisc PFS surface treatment;  
(b) Krajewski et al. [247] zirconia supported alumina membrane; (c) Dumée et al. [256] 
PTFE coated carbon nanotube bucky-paper—scale bar corresponds to 400 nm;  
(d) Qtaishat et al. [263] used poly(sulfone) as a base material and modified the surface 
with different amounts of fluorinated macromolecules (M4 membrane—scale bar 
corresponds to 100 μm); (e) Su et al. [267] added graphite particles and carbon  
nanotube to a PVDF/PAN blend (M3 membrane—overall shape and inner layer);  
(f) Teoh et al. [45]—PVDF/PTFE composites 50 wt % PTFE particles—overall HF view 
and inner layer—scale bar is 100 µm (left) and 1 μm right; (g) Teoh et al. [272] grooved 
membranes—PVDF multichannel membranes—scale bars: top 300 µm and bottom  
500 µm, right 5 µm; (h) Wang et al. [269]—super high flux membranes D3—scale bar left 
200 μm right 5 µm.  
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The development of novel architectured membranes is of great importance to enhance membrane 
performance in MD [273]. For this purpose novel carbon nanotube immobilized membranes have been 
developed and tested, where the carbon nanotubes served as a sorbent and provided an additional 
pathway for mass transport of water vapor across the membrane. It has been reported that CNTs can 
increase the permeability of a substance through a membrane as well as increase its selectivity. In the 
particular case of MD, the high thermal conductivity of the CNTs may reduce the temperature gradient 
in membrane pores, allowing for reduced liquid condensation and therefore increasing the performance 
of MD in terms of concentration enhancement, generation of purified water, and mass transfer 
coefficients [273]. CNIM has been used for simultaneous generation of pure water and concentrating 
pharmaceutical wastes which are classified as emerging contaminant. 
4.4.2. Electro-Spun Membranes 
Electro-spun fibers can be assembled into a non-woven like structure, with pore size, thickness and 
porosity that can be tuned by changing the spinning conditions [274]. Feng et al. [275] investigated the 
processing of PVDF nano-fibers and desalination of 3.5 wt % NaCl solution with salt rejection rates 
between 98.7% and 99.9%. The morphology of electro-spun membranes (Figure 23) is highly suitable 
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for membranes in MD. The pores formed by the interstitial gaps between nano-fibers can be tuned by 
changing the fibers morphology by varying the spinning conditions. Furthermore, the thickness of the 
membrane can be controlled by varying the spinning time, while a variety of substrates can be used as 
reception-supports for the fibers. While the contact angle is dependent on the materials of the  
nano-fibers, it was also demonstrated to be dependent on the size of these fibers and on the topography 
of the surface of the membrane. The very high contact angle (130°) when compared to classical PVDF 
membranes (80°–85°) could be an advantage to further control the surface properties. This might be 
due to the presence of nodules and to the diameter distribution of the fibers, which greatly enhanced 
surface roughness. Previous studies on electro-spun web composites also demonstrated that  
nano-particles can be embedded within the fibers if properly spun and mixed with the initial  
solution [276,277]. A large variety of polymers can be spun by electro-spinning opening further routes 
for membrane development [278]. This could further lead to enhanced property materials for MD. 
Although electro-spun webs are today commonly manufactured as affinity membranes for the study 
and growth of biological cells, they have been identified as potential membranes for micro [279,280], 
ultra or nano filtration [281]. Their development as membranes for MD remains limited, but further 
work deserves to be pursued. 
The addition of clay nano-particles in the electro-spun fibers has been reported in [282]. PVDF base 
solution was loaded with dispersed hydrophobic nano-particles in order to increase the contact angle of 
the flat sheets. The contact angle of the membranes was largely enhanced from ~80° up to 154° and 
the flux across the 8 wt % modified PVDF electro-spun membranes was higher by up to 10% when 
compared with unmodified PVDF electro-spun membranes. The flux remained lower (<6 kg m−1 h−1) 
compared to dual layer hollow fiber membranes. 
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4.5. Modified Commercial Membranes 
Although a large number of studies have used readily available commercial membranes, typically 
made of PVDF or PTFE (Table 7) to demonstrate the feasibility and advantages of MD for the 
treatment of solutions, a very limited number of studies have focused on modifying commercial 
membranes in order to enhance their performance or change their properties. Recently Lai et al. 
reported on plasma treatment of commercially available PTFE membranes [283]. The membranes were 
exposed to various N2/H2 plasmas in a dose matrix, and it was shown that although the surface of the 
membrane was rendered hydrophilic, the performance was changed and the energy cost reduced. It is 
likely that the enhancement of permeation was due to, as partially suggested by the authors, a change 
in the heat polarization boundary layer at the surface of the treated membrane. The degradation 
induced by the plasma reduced the contact angle but also permanently grafted amine and amide 
groups, resulting from radicalisation of the stream gas on the membrane surface. 
Figure 23. Electro-spun membranes used in MD: (a) Prince et al. [282] and  
(b) Feng et al. [275]; the scale bar corresponds to 10 µm. 
 
4.6. Impact of the Membrane Morphology and Surface Energy on the Permeation of Water Vapor and 
the Rejection of Salts 
4.6.1. Performance of Inorganic Membranes 
When considering the nominal ceramic membrane pores size given by many references, it is 
apparent that generally larger pore size membranes did not lead to enhanced flux and that factors other 
than pore size alone, such as porosity, surface wetting or surface roughness, affect permeability  
(Figure 24). According to Equation (14), membrane thickness, porosity and tortuosity also effect 
membrane permeability. In essence, it is important to be critical about the accuracy of the different 
structural parameters reported in the preparation of membranes. 
As shown in Figure 24, there is no obvious correlation between the flux across the membrane and 
the average reported pore size. To date, the highest flux obtained for the ceramic membranes were 
obtained for alumina silanised membranes at feed and permeate temperatures of 53 °C and 18 °C, 
respectively [246]. Despite their lower pore size, these inorganic membranes did not exhibit a very 
high contact angle (141°) when compared with other membranes (up to 175° as shown in [244]). It 
clearly underlines the importance of surface energy in both reducing temperature polarization and 
(a) (b) 
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creating a clear and constant air gap in the membrane structure. In addition to hydrophobicity, these 
membranes were demonstrated to be chlorine tolerant, which is critical for water applications. No 
other work reported here evaluated the resistance of the hydrophobic modifications to strong oxidizing 
agents such as chlorine. 
Figure 24. Flux across the membranes in different MD configuration as a function of the 
nominal reported pore size. 
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Interestingly, as shown in Figure 25, the flux across the inorganic membranes was generally 
proportional to the water vapor pressure difference across the membrane for both AGMD and DCMD 
experiments. The only controversial exception to this rule was found for VMD tested samples which 
exhibited very high flux at lower pressure difference.  
Figure 25. Flux as a function of the vapor pressure difference across inorganic membranes 
calculated from the reported temperature difference. 
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The permeance of the different samples was also found to increase with dP except for the VMD 
samples (Figure 26). These results are in accordance with neither theory nor the other trends and 
should therefore be cautiously considered. It is, however, recognized that VMD is more energy 
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intensive for water evaporation as it involves vacuum and typically a condensation step. Although the 
permeance of the membranes would be a better way to compare the different materials and structures, 
the lack of information from the literature on the true membrane wall thickness did not allow such a 
study. The asymmetric structure of most of the ceramic membranes made the measurement of their 
active layer difficult. 
Figure 26. Permeance across ceramic MD membranes. 
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4.6.2. Performance of Organic and Hybrid Membranes 
The performance of the polymeric and hybrid membranes was correlated to their properties. To be 
comprehensive a number of parameters should be normalized and studied. As presented at the 
beginning of this section, since membranes for MD must be porous, the control of geometrical 
parameters is critical to achieve both high permeance and salt rejection. In this case, the main 
parameters typically evaluated by the research groups working on membrane fabrication are the 
membrane pore size, porosity and thickness. However, other parameters such as the thermal 
conductivity or the surface energy are as, if not more, important in order to achieve high performance. 
Although the surface energy of the membrane surface is often evaluated by contact angle 
measurement, it is not necessarily representative of the inner pore and air gap wetting behavior. For 
example, a surface treatment designed to enhance the membrane hydrophobicity will therefore not 
necessarily be efficiently applied within tight pores. Water vapor adsorption and water wetting within 
the pores may then differ from the modified surface and explain discrepancies in performance. In 
addition, very few papers deal with the impact of the thermal properties of the membrane on water 
permeation, although it was demonstrated that the surface thermal conductivity of the membrane will 
significantly influence the formation of heat polarization layers. Although it is difficult to 
comprehensively review and critically compare the different structures due to inherent differences in 
the testing conditions and in geometrical properties (especially the membrane thickness and tested 
area), general conclusions on the impact of the different parameters can be drawn from the change in 
permeation as a function of these parameters. This section will review the impact of the different 
parameters studied and presented by the different groups. 
Water 2013, 5             
 
 
56
As shown in Figure 27, overall the permeance across the membranes was found to be dependent 
with the surface contact angle. Membranes with lower surface energy exhibit larger contact angle with 
water and therefore have less tendency for pore wetting. In addition to the contact angle, hydrophobic 
structures have also been shown to exhibit lower thermal conductivity [284]. This is preferable, 
especially in DCMD, since it reduces the heat losses due to conduction across the membrane and 
prevents the formation of strong heat polarization layers on the membrane surface and in the 
membrane pores. 
Figure 27. Permeance as a function of the surface contact angle for the papers presented in 
this review. 
60 80 100 120 140 160
0.0
5.0x10-4
1.0x10-3
1.5x10-3
2.0x10-3
2.5x10-3
Pe
rm
ea
nc
e 
(k
g.
m
-2
.h
-1
.P
a-
1 )
Contact angle (o)  
The permeance was also found to be largely increasing with the average pore size of the membrane 
(Figure 28). The fact that some of the larger pore size membranes exhibit lower permeance can be 
attributed to other geometrical parameters of the membranes, such as their larger thickness. 
Interestingly, most of the laboratory-made membranes have pore sizes between 20 and 100 nm, 
although the pore size distribution of commercial PTFE and PVDF membranes most often falls within 
a 200 to 400 nm range. 
As for pore size, porosity appears to be critical with more porous membranes (porosity >80%, 
Figure 29) exhibiting the best performance. Again some of the very highest porosity materials tested 
showed much lower permeance than other less porous materials. This can be again traced back to other 
structural parameters such as pore size, or thermal conductivity, as in the case of the carbon nanotube 
based membranes. Although the porosity of these membranes is superior with porosities up to 90%, 
they exhibit thermal conductivity ~5 to 10 times higher than most commercial polymeric membranes 
with the average pore size falling around 20 nm. This confirms again, that a combination of properties 
is necessary to achieve high performance membranes. 
The thickness of the membrane wall is one of the most difficult parameters to evaluate 
experimentally (Figure 30). Most thickness measurements are performed either with micrometers or 
through scanning electron microscopy image analysis. Both these techniques evaluate the membrane 
thickness over small surface areas and are, therefore, not always representative of the whole membrane 
area. Large variations of average membrane wall thicknesses can arise especially when casting or 
spinning polymeric membranes. In the case of phase separated membranes, it is also very often 
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difficult to clearly define the membrane wall—or active thickness, as the gradient of pores and macro 
voids is progressively changing across the membrane thickness. For this reason the values of 
membrane wall thickness reported in literature are difficult to objectively compare and analyse. As 
shown in Figure 30, no clear trend of the membrane wall thickness can be obtained from the data from 
the papers here studied. 
It is clear from the performance of the membranes presented in the previous two sections, that 
organic base membranes have shown better promise for water desalination than inorganic based 
membranes. This has to be attributed to a number of parameters, including the ability to cast thinner 
polymeric membranes making them better performing in MD. The lower surface energy of naturally 
hydrophobic polymers is also more suitable for MD. Finally, the higher cost of ceramic materials is 
certainly a limitation to their development, although they exhibit better chemical and thermal stability 
than polymeric materials. It is likely that ceramic membranes could find application in the separation 
of mixed solvents. 
Figure 28. Permeance as a function of the mean pore size for the papers presented in this review. 
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Figure 29. Permeance as a function of the porosity for the papers presented in this review. 
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Figure 30. Permeance as a function of the thickness for the papers presented in this review. 
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4.6.3. Comparison between Hollow Fiber and Flat Sheet Membranes 
Despite limitations reported in scientific literature, it is interesting to directly compare the 
performance of the flat sheet and hollow fiber membranes. As shown in Figures 31 and 32, very large 
differences in term of flux were found when comparing laboratory processed flat sheet and hollow 
fiber. While the maximum flux obtained for flat sheet membranes hardly reaches 30 kg m−2 h−1, 
several hollow fiber structures have exhibited flux higher than 65 kg m−2 h−1, including one close to 
100 kg m−2 h−1 for similar vapor pressure differences (~45–46 kPa). On the other hand, the calculation 
of the permeances as shown in Figures 33 and 34 diverges from the flux trends. The divergence could 
be related to inaccuracy in the true pressure difference due to possible temperature polarization [285] 
across the membrane. In addition, heat loss due to water evaporation leads, as it is commonly known in 
MD [222], to a drop of the temperature of the feed between the inlet and outlet. Therefore, flux reduces 
as membrane length increases. Most of the studies do not comment on this drop and consider only the 
temperature of the fluid for the pressure difference calculation. Differences of permeances may also 
arise from the different MD techniques used here [14]. Although most of the tests were done with 
DCMD, most of the MD tests performed on ceramic membranes used VMD, which is known to lead to 
higher flux but is more energy intensive, because either cooling of the air or vacuum needs to be 
provided to generate the driving force and condense the water vapor [226,260]. For these reasons no 
general trends can be extrapolated from the permeance graphs. 
In addition, the large variations of flux cannot be attributed only to the material, as most of these 
membranes were made of PVDF or its co-polymers. It is the geometric structure of the membranes, 
and especially the geometry of the supporting layer of the hollow fiber membranes that make of them 
more suitable membranes for MD. The process conditions, such as flow rate, temperature and the 
membranes packing density, will be affected by the different geometries. It is recognized that higher 
packing densities can be achieved with hollow fiber membranes. 
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Figure 31. Flux for flat sheet membranes. 
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Figure 32. Flux for HF membranes. 
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Figure 33. Permeance for selected flat sheet membranes. 
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Figure 34. Permeance for selected hollow fiber membranes. 
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Several properties and parameters are affected by the geometry of the membranes. The fluid 
dynamics between hollow fiber and flat sheet membranes is not similar and does lead to different heat 
and mass transfer behaviours [286]. In addition, the total active surface area of membrane available is 
higher in the case of hollow fiber membranes due to both the higher packing density and the individual 
membrane surface area. Furthermore, as explained by Bonyadi et al. [49,50] and Wang et al. [269] in 
their respective papers, the size, shape and connectivity of the macro-voids highly affects water vapor 
permeation across the membrane. By engineering larger macro-voids connecting the lumen to the 
membrane wall, Wang et al. [269] managed to increase the water vapor permeability up to  
98 kg m−2 h−1 at feed and permeate temperatures of 80.2 °C and 15 °C respectively, and for a total 
membrane surface area of approximately 100 cm2, making these membranes potential competitors with 
the commercial best performing FS membranes. 
5. Global Water Candidates for Membrane Distillation Treatment 
Rapid population growth has resulted in increasing demands for energy, water, transportation, 
housing and food supply. Population growth has traditionally occurred in and around large population 
centers, which are often faced with limited water supplies. Water utilities have been forced to 
transition from traditional water sources such as surface water and fresh groundwater to alternative 
supplies such as brackish groundwater, seawater desalination, and water reclamation, including aquifer 
storage and recovery. Current desalination technologies are used to produce high-quality water for 
municipal, industrial and agricultural needs from brackish groundwater, saline wastewater  
and seawater. 
In 2002, the total worldwide installed seawater desalination and brackish desalination plant capacity 
was 37.75 million m3/day of fresh water [287]. The International Desalination Association (IDA) [288] 
reported a global contracted capacity of desalination plants of 71.7 million m3/day in 2010, including 
those under construction. This reflected a three-fold increase in cumulative desalinated water capacity 
over the last decade. The total capacity of completed plants, including plants that have already come 
online and those under construction that are expected to come online by the end of 2011 is  
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6.7 million m3/day (Figure 35) [289]. This number is even higher than the total capacity of plants 
contracted in 2010 (5.9 m3/day) and is the result of ambitious desalination programs in Algeria, Spain 
and Australia [289]. Municipal use accounted for almost two-thirds of worldwide installed capacity. 
An additional 26% is used for industrial purposes, and 6% for power generation stations [289]. In 
2011, based on their desalination capacity, the five leading countries in the world were Saudi Arabia, 
United States, the United Arab Emirates, Spain, and Kuwait. In the same year, seawater and brackish 
water account for 59% and 21%, respectively, of all desalinated water sources in the world; wastewater 
and brine account only for 5% and 0.2%, respectively [289]. 
Figure 35. Worldwide annual contracted and commissioned desalination capacity.  
Source: GWI Desaldata/IDA [289]. 
 
Non-traditional water sources may be potential candidates for treatment with desalination 
technologies. Non-traditional sources include brackish surface and groundwater with elevated levels of 
minerals and/or other constituents, desalination concentrate, produced water, industrial effluents and 
municipal wastewater effluents. Reverse osmosis (RO), multi-stage flash (MSF) distillation,  
|multiple-effect distillation (MED), and electrodialysis (ED) are the main treatment technologies used 
for potable water production with a total worldwide installed capacity of 60%, 26%, 8%, and 3.5% 
respectively [289]. A study conducted by Mickley [290] established that in the United States, 72% of 
desalination is conducted using brackish water RO, 2% using seawater RO, 15% using electrodialysis 
and electrodialysis reversal (ED/EDR), and 11% using nanofiltration (NF). The main disadvantage of 
these technologies is fouling and scaling of membranes and the subsequent disposal of significant 
volumes of brine [291,292]. 
Recent concern emerging from greenhouse-gas emissions has prompted the desalination industry to 
consider the use of renewable energy as a key factor for new desalination technologies that are being 
developed [293]. As a thermally based membrane process, renewable energy (solar or geothermal), 
waste heat from industrial processes, and warm produced water can provide the thermal energy needed 
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to drive the MD separation process. Waste heat from impaired waters or industrial processes can be 
used as energy input to produce high-quality water to augment existing water supplies or reduce brine 
disposal volumes by treating waste brine streams. Therefore, MD technology may be a suitable 
treatment alternative from an energy-water-nexus perspective, or MD can be a complimentary 
treatment process to reduce waste disposal costs. In this section information related to the availability 
of impaired water sources, as well as their composition, to assess their potential for application of MD 
technologies will be presented. 
5.1. Brackish Groundwater 
Two major reasons for needing to increase water availability in the United States, and all around the 
world, are increasing water demands in urban centers with limited water resources, and the  
over-pumping of fresh groundwater aquifers [294]. As more communities diversify their water 
sources, brackish groundwater and the use of membrane based processes has gained significant 
traction. RO technology is mature and well understood; however, its implementation for brackish 
water desalination is limited by two main drawbacks: cost (capital and operating) and disposal of 
desalination concentrate. Brackish groundwater is defined as “a source of water that exceeds the 
secondary drinking water standard of 500 mg/L total dissolved solids (TDS) or the World Health 
Organization (WHO) guidelines for drinking water quality of 1000 mg/L.” In the United States, 
secondary standards are established for aesthetic purposes and as such are not enforceable. Typical 
composition of brackish water as compared to sea water and other impaired waters is presented in 
Table 8. 
In the United States, the State of Texas has significant brackish groundwater resources that have 
been extensively documented [295]. The Texas Water Development Board identified more than  
780 million acre-feet (1 acre-foot is equivalent to 1.23 ML) of brackish aquifers amenable to 
desalination [296]. About two-thirds of the 2.7 billion acre-feet (3.3 billion ML) of brackish water 
available in the state can be classified as slightly brackish (1000–3000 mg/L TDS). The quantity and 
quality of this resource represents a significant opportunity for implementation of desalination 
technologies to augment water resources statewide [297]. The Kay Bailey Hutchison Desalination 
Plant (KBHD) operating in El Paso, Texas, treats inland brackish groundwater wells from the  
Hueco-Mesilla Bolson, which has an average TDS concentration of 2000 mg/L. It has a design 
capacity of 27.5 MGD (104 million liters per day (MLD)) of drinking water. Operation of the KBHD 
plant at full capacity results in the generation of up to 3 MGD (11.4 MLD) of RO concentrate with 
potential opportunities for further recovery. The state of Florida in the United States has the largest 
number of facilities using desalination technologies to treat mostly brackish ground and surface  
water (more than 140). It also produces the highest volume of potable water each day (about 2000 
MLD) [298]. Other brackish water desalination plants are operating in Virginia, North Carolina, 
California and other states [299].  
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Table 8. Comparison of typical composition of produced water and other impaired waters 
for potential MD applications. 
Element 
Concentration (mg/L) 
Sea Water  
[299] 
Brackish Water 
[300] 
Grey water 
[301] 
Natural gas produced water 
[126] 
Chloride (Cl) 19,400 1,093 65.4 81,500 
Sulfate (SO4) 904 187 7.23 47 
Calcium (Ca) 411 135 30 9,400 
Sodium (Na) 10,800 609 144 37,500 
Magnesium (Mg) 1,290 35 10 1,300 
Potassium (K) 392 19 12 149 
In the State of Kuwait and in Saudi Arabia, Bahrain, and Qatar the Dammam aquifer is a potential 
source of groundwater [302]. The aquifer is the main natural groundwater reservoir that supplies water 
to Kuwait. Salinity in this aquifer ranges from 2500 to 10,000 mg/L in the central part of the State, and 
from 10,000 to 150,000 mg/L in the northeastern part. The salinity of the groundwater results from a 
dissolution process where chloride (Cl), sulfate (SO4), sodium (Na), and calcium (Ca) are the dominant 
ions. The brackish groundwater is blended with water from distillation plants to make the water 
suitable for drinking. Treated water is also used to cover agricultural and domestic needs in  
Kuwait [302]. In Jordan, the technical and economic feasibility of brackish groundwater treatment by 
RO for potable water production has been investigated [291]. This country is characterized for having 
arid to semi-arid climate, and its population is increasing at an annual rate of 3.6%. The study was 
intended to contribute to the development of efficient technologies to produce affordable potable water 
in Mediterranean countries where the threat of water shortage is a severe problem. The number of 
inland desalination plants is growing considerably in Europe and other parts of the world. As 
compared to most desalination plants that return the salt concentrate to the ocean, inland plants must 
find other alternatives for disposal and reduction of concentrate [299]. Membrane distillation can be a 
complementary technology to treat the brine waste generated by RO. As an example, Macedonio and 
Drioli [303] demonstrated that combining MD with RO operation using a process intensification 
approach can increase the RO recovery factor and extend the life of the RO membrane. In this 
approach, one portion of the RO permeate is treated in the MD system instead of passing all the first 
stage RO permeate through a second RO stage. 
5.2. Seawater 
Desalination of seawater has been utilized to supply water for municipal, industrial and agricultural 
purposes in the Middle East and other coastal areas of the world where fresh water resources are 
scarce. Seawater composition, while more consistent than brackish groundwater, varies depending on 
the geographic location of the facility. Salinity ranges from 20,000 to 45,000 mg/L or higher 
depending on how much freshwater influence is present [304]. The practice has largely relied on 
distillation technologies including multiple effect distillation (MED), multi-stage flash distillation 
(MSF), and vapor compression (VC). However, in the past three decades membrane-based 
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technologies have gained traction to the point that the most recent seawater desalination plants utilize 
RO membranes as opposed to distillation technologies [289]. However, seawater desalination using 
RO membranes has significantly lower water recovery (about 40%), when compared to brackish 
groundwater RO desalination (generally 70%–90% recovery) [305]. 
In the Arab countries, mainly in the Gulf countries, a total of approximately 30,000 m3 of desalted 
seawater are being produced every year due to water scarcity [304]. Production of desalted water in 
Saudi Arabia reached 7400 MLD in 2006 [306]. In the Middle East and North Africa (MENA) 
countries, desalination accounts for 1.8% of the region’s water supply. A massive expansion of 
seawater desalination on the order of 24,200 MLD is expected by 2025. The increase in desalination 
capacity will concentrate almost exclusively in the high-income, energy-exporting wealthier countries, 
primarily in the Gulf countries. In the Gulf there is increasing concern about the amount of 
desalination taking place in the small, enclosed sea that is used as source of water for all these 
nations [307].  
In Australia, the main feed source to be used for desalination is seawater (86%) and is followed by 
brackish water (1.2%) and industrial water (12%) [305]. In this country, the amount of desalted water 
in 2008 was 0.57% of the total water consumption for 2004–2005 of 51.5 GL/day. The amount of 
desalted water is expected to rise to 4.3% in 2013. Spain is one of the largest users of seawater RO in 
the world, with more than 700 desalination facilities producing more 2 billion m3/d [308]. Desalination 
of seawater is one of several alternative water supplies identified for Florida to meet the projected 
increase in the state’s water demand, which is expected to grow by more than 25% to about  
33,000 MLD by 2025. Coastal surface water is treated in Florida at the Tampa Bay Seawater 
Desalination Facility [309].  
A concern exists about brine discharge and potential environmental impacts associated with the 
practice of seawater desalination. In seawater plants, brine is discharged to the sea. Therefore, all 
chemicals added to the desalination process for scaling control, fouling, and corrosion prevention flow 
back into the sea [307]. Proper mitigation measures should be taken as well as extensive studies 
conducted during the planning and design phases of the project to minimize potential impacts. In 
addition to scaling, deposition of colloidal matter, adsorption of organic compounds and biofouling can 
drastically reduce membrane productivity in seawater RO [305]. As reported by Hoang et al. [305], the 
type, concentration and growth potential of the biological species are determined by the temperature, 
sunlight, pH, dissolved oxygen content and the presence of organic and inorganic nutrients. MD could 
play an important role in reducing the environmental impact by reducing the amount of brine waste for 
disposal, particularly if it is integrated with RO. If integrated with RO, MD could also reduce fouling 
issues because the pores of membranes used for MD are relative large compared to the pores or 
diffusion pathways in RO and are not as easily clogged. Pores in RO membranes are approximately 
three orders of magnitude smaller than those of MD membranes [310].  
Recently a consortium of industry, academic institutions, technology providers, and water utilities 
was formed in Qatar to evaluate the suitability of MD for seawater desalination in the region [311]. 
The research study was carried out in multi-phases including bench scale studies, model development, 
low grade waste heat evaluation and pilot scale demonstration. The purpose of the study was to 
sustainably augment water production, reduce environmental impact, and build capacity in the State of 
Qatar. In doing this, MD could help to increase the RO recoveries in Middle East countries. In this 
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region, where about two thirds of the desalinated water of the world is produced, the RO recovery rate 
was reported as 35% in 2008 [292].  
5.3. RO/ED/EDR Concentrate 
Reverse osmosis of brackish groundwater (BWRO) has found increasing application in semi-arid 
and arid countries to treat brackish groundwater for drinking, industrial, or irrigation  
purposes [312,313]. In the Middle East and the United States, RO treatment plants have been 
implemented and are in operation [290,291]. RO plants are also in operation in Europe and  
Australia [289]. The last one has six seawater RO plants for its major cities and one to support mining 
operations. Additionally, Australia has a vapor compression system to support mining operations. The 
Tampa Bay Seawater Desalination Facility in Tampa, United States, which is the only large-scale 
facility in the country using a coastal surface water source, operates using reverse osmosis [309]. The 
largest seawater RO plant in the world, located in Ashkelon, Israel, has a design capacity of  
326 MLD [292]. The Sorek desalination plant in Israel to be completed in 2013 will have a design 
capacity of 410 MLD. 
One of the major concerns for BWRO is the disposal of the RO concentrate, arising from the 
presence of anti-scalants, pre-treatment chemicals, and remoteness from the sea or another 
economically viable concentrate disposal options [292,311]. The volume of concentrate produced 
depends on factors such as source water quality (e.g., salinity level) and technology utilized. Table 9 
presents examples of concentration of feed water and corresponding RO concentrate for various 
brackish waters in the State of Texas, United States and The United Arab Emirates [313].  
Table 9. Examples of main composition in feed water and concentrate in desalination 
facilities (mg/L) [313]. 
Facility pH TDS SO4 Cl Na K Ca Mg 
El Paso, TX, USA 
Feed 7.70 1,540 592 374 – – – – 
Concentrate 8.11 5,101 – 1,410 – – – – 
Dell City, TX, USA 
Feed – 753 588 19 16.5 – 205 61 
Concentrate – 1,170 968 24 – – – – 
Adam, United Arab Emirates 
Feed 8 2,000 773 506 410 12 103 70 
Concentrate 6 8,747 4.336 1,974 1,670 43 417 280 
Esherja, United Arab Emirates 
Feed 7 30,638 4,104 15,868 8,630 355 496 1,100 
Concentrate 7 48,510 6,139 24,062 14,800 631 481 1,900 
In the United States the main concentrate disposal method is deep-well injection [305]. In Australia, 
most of the facilities dispose their concentrate via ocean outfall, although smaller inland plants 
discharge to the sewer or evaporating basins, or use ground infiltration [305]. The presence of salt, 
metals, and silica at or above super-saturation due to the addition of antiscalant and dispersants during 
the RO process may be a major concern for disposal of desalination concentrate in deep well  
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injection [305], since eventually unwanted precipitates may form. A study conducted by Macedonio 
and Drioli [303] reported that combining RO with MD allowed total boron and arsenic rejection from 
salty water without the need for addition of oxidizing agents, resulting in less environmental impact.  
5.4. Produced Water 
Produced water from oil and gas wells is a potential candidate for MD treatment. Approximately 
3300 ML of produced waters are generated annually in the United States [314]. Produced water is 
characterized as groundwater with elevated concentrations of total dissolved solids as well as other 
water quality parameters [315]. Reuse of produced water can be possible if certain quality conditions 
are met; however, most produced water generated is disposed of via injection wells.  
Low-grade heat from the produced water can be utilized as the energy source to drive MD 
desalination, because it contains energy that would otherwise be released to the environment without 
being used. Produced water with temperatures lower than 70 °C, which otherwise are difficult to use 
by traditional thermal process, is suitable to be used by MD [316]. Other potential sources for waste 
heat include industrial stack emissions or cooling circuit heat that is rejected to rivers, lakes, or 
atmosphere via heat exchangers or cooling towers [316]. Costs associated with the use of waste heat 
include the cost of installing and operating heat recovery systems [316]. 
Beneficial reuse of produced water includes primary agricultural and industrial uses. Agricultural 
applications include crop irrigation, livestock watering, aquaculture, and hydroponic vegetable 
cultivation. One of the challenges on using produced water for agricultural applications is the high 
levels of salinity and the excess of sodium, when present in the water, which can reduce the hydraulic 
conductivity of soils and prevent plant growth. Industrial applications include process water for 
hydraulic fracturing operations at oil and gas well sites, water for power generation, dust control, and 
fire protection and control [317,318]. Pretreatment is required but it is not as extensive as it is for 
agricultural purposes.  
Regulations regarding beneficial reuse of produced water are changing worldwide, as is the case of 
the Australian Coal Seam Gas (CSG) industry, due to the fact that oil and gas exploration activities in 
shale formations have rapidly increased in the past five years. CSG will be treated in the Kenya Water 
Treatment Plant in Australia by using a combination of ultrafiltration, ion exchange, RO and brine 
concentration evaporation technology to achieve zero liquid discharge [289]. Examples of other places 
with increasing oil and gas activities include the Marcellus Shale in Pennsylvania and the Eagle Ford 
Shale in South Central Texas. The numbers of wells being drilled in PA, TX, WI, SD, KS and other 
places represents hundreds of wells monthly and annually.  
Recently a study based on peer-reviewed literature and available information was conducted to 
characterize produced waters in the United States with the purpose of determining potential beneficial 
uses. Produced water sources included shale gas (SG), conventional natural gas (NG), conventional oil, 
coal bed methane (CBM), and tight gas sands (TGS) [314]. A comparison of some of the produced 
waters’ constituents is presented in Table 10. The study reported that one-fourth of the produced water 
samples are fresh and need minimal treatment for removal of metal and metalloid constituents prior to 
use. Other portions of produced water samples are brackish with chloride concentrations of  
5000–30,000 mg/L and saline with relative high metals and metalloids that may require considerable 
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treatment. Other produce waters are hyper-saline (>30,000 mg/L TDS) and produce a considerable waste 
stream from reverse osmosis, thus significantly affecting the viability of utilizing RO to recover water 
from the waste stream. Once saline produced waters are treated, they may be suitable for irrigation and 
replenishing of surface waters. Hyper-saline produced water may not be feasible for remediation.  
Table 10. Range of some produced water constituents [314]. 
Parameter 
Natural gas 
(mg/L) 
Oil 
(mg/L) 
Coal-bed 
methane (mg/L) 
Shale gas 
(mg/L) 
Tight gas sand 
(mg/L) 
Min Max Min Max Min Max Min Max Min Max 
PH 3.1 7 5.18 8.9 6.56 9.87 1.21 8.36 5 8.6 
Conductivity 
(µS/cm) 
4,200 586,000 838 1,469 94.8 145,000 – – – 24,400 
Alkalinity 0 285 300 380 54.9 9,450 160 188 – 1,424 
Nitrate – – 1 2 0.002 18.7 nd 2,670 – – 
Phosphate – – – – 0.05 1.5 nd 5.3 – – 
Sulfate 1.0 47 8 13,686 0.01 5,590 nd 3663 12 48 
Chloride 1,400 190,000 36 238,534 0.7 70,100 48.9 212,700 52 216,000 
Oil and grease 2.3 60 – 92  – – – – 42 
Uranium – – –  0.002 0.012 – – – – 
Ra226 bq/L – – 0.1 9.7 – – – – – – 
Ra226 (pCi/g) – – – – – – 0.65 1.031 – – 
HCO3 – – 15 3,501 – – nd 4,000 10 4,040 
Al 0.4 83 – 0.06 0.5 5,290 nd 5,290 – – 
As 0.002 11 0.17 0.857 0.0001 0.06 – – – 0.17 
Cd 0.02 1.21 0.03 0.2 0.0001 0.01 – – – 0.37 
Fe nd 1100 0.1 0.5 0.002 220 nd 2,838 – 0.015 
B nd 58 – – 0.002 2.4 0.12 24 – – 
Hg – – – – 0.0001 0.0004 – – – – 
K 0.458 669.9 1.6 42.6 0.3 186 0.21 5,490 5 2,500 
Ca nd 51,300 4 52,920 0.8 5,870 0.65 83,950 3 74,185 
Na 520 120,000 405 126,755 8.8 34,100 10.04 204,302 648 80,000 
Mg 0.9 4,300 2 5,096 0.2 1,830 1.08 25,340 2 8,750 
The recently increased generation of produced water presents an opportunity for MD in that it can 
be used to remove low and high levels of salt as well as heavy metals which are commonly present in 
produced water. A study conducted by Macedonio and Drioli [303] reported that integration of MD 
and a first stage RO system increased water recovery, and the produced fresh water had boron and 
arsenic concentrations below the WHO and EPA maximum recommended levels for boron and arsenic 
in fresh water. Boron removal by RO/NF is possible only if the removal process takes place at pH 
higher than 10, but working at this high pH may increase the tendency for RO membrane scaling by 
carbonate minerals. Boron removal by RO/NF is typically ineffective when operated at near-neutral 
pH, as boron primarily exists as uncharged boric acid [316]. 
Energy-driven processes such as reverse osmosis and other desalination technologies may be 
suitable approaches to recover high quality water from these streams. Location of the water to be 
treated, environmental conditions, and economic and social needs are factors to take into account when 
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selecting the most appropriate treatment method [314]. Section 3 presented an example of an  
MD-energy driven systems that, if combined with RO, could potentially increase the recovery of 
produced water. 
5.4.1. Oil and Gas Industry 
In the United States, one of the main sources of produced water is from the oil and gas (O&G) 
industry. Produced water is the largest wastewater stream in the oil exploration and production  
process [318]. Annually the O&G industry introduces hundreds of millions of cubic meters of brackish 
wastewater that have to be taken to reinjection sites, evaporation ponds, recycling facilities or any 
other means for disposal. In Norway 120 GL of produced water were expected to be discharged in 
2000 [318]. Typical composition of produced water varies with respect to location and depends on the 
characteristics of the host geological formation as well as the O&G composition (Table 9). Major 
components of produced water are total dissolved solids (TDS), oil and grease, inorganic and organic 
compounds incorporated during the production process, and naturally occurring radioactive materials. 
Oil and grease content ranges from 40 mg/L to 2000 mg/L, and TDS range from 1000 to  
400,000 mg/L [315,317]. Table 11 shows approximate salinity levels of produced water in US oil 
fields. Sodium chloride is the dominant species in produced water (over 76%), followed by sodium 
bicarbonate and sodium sulphate [317,319]. Other major cations include calcium and magnesium. 
Minor cations are potassium, strontium, and barium. The pH of produced waters is typically controlled 
by the carbonate system [313]. 
Table 11. Approximate salinity of produced water from United States oil fields [294]. 
Name of Oil Field Total Dissolved Solids (mg/L)
Willinston 40,000–140,000 
Powder River 5,000–20,000 
Big Horn 5,000–9,000 
Wind River 4,000–10,000 
Green River 6,000–30,000 
Denver 9,000–40,000 
Paradox Total 11,000–120,000 
San Joaquin 20,000–40,000 
Central Kansas 45,000–120,000 
San Juan 8,000–60,000 
Andarko 60,000–130,000 
Los Angeles 40,000–45,000 
Permian 60,000–120,000 
The volume of produced water generated by production wells is proportional to the age of the well; 
therefore, overtime oil production decreases as the water production increases [317]. In contrast, the 
volume of produced water from natural gas activities follows the opposite trend—More water is 
produced early in the process and gas productivity increases over time. Volume of produced water 
generated during oil production represents about 70% of the total wastewater and oil volumes 
produced during oil production, and in many cases is seven to eight times greater by volume than oil 
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produced at any given oil field [320]. Disposal costs of produced water represent as much as 10% of 
the total cost of hydrocarbon production [126].  
A recent study conducted by Clark and Veil [317] reported a total generation of about 3300 GL/year 
of produced water from State and Federal onshore production in the United States, with the greatest 
amount of produced water (75%) generated in the states of Texas, California, Wyoming, and Kansas. 
More than 60% by volume of produced water coming out of the natural gas industry is reinjected into 
designated reinjection zones, which are deemed to be geologically isolated from potential underground 
sources of drinking water [321]. According to Hayes and Arthur [322], the percentage of produced 
water reinjected rises to greater than 90% when produced water from oil and gas operations is 
considered together. Currently, 2000–3000 GL/year of produced water are generated with the 
production of oil and gas in the United States [322]. It is anticipated that in future years, the oil and gas 
industry will have to dispose of more than 159 million cubic meters/year of produced water using 
methods other than deep well injection [321]. It is estimated that the market for water and wastewater 
technologies for the O&G industry is worth over $550 million annually. 
Treatment and disposal of stored produced water is costly, and as the demand for natural gas 
increases the volume of produced water generated increases. It is estimated that in the United States 
approximately 6 trillion liters of natural gas was consumed in 2005. A total of 2.2 trillion liters of 
natural gas is stored in underground storage facilities. A total of 27 to 214 L of water is produced for 
each 27 L of natural gas that is extracted from the storage facility [319]. Produced water is transported 
to specialized treatment facilities or disposed of by injection into deep wells. However, these 
approaches are expensive and innovative approaches for treating these waters are needed. Injection of 
produced water may not be the most sensible option due to the potential for groundwater 
contamination by heavy metals and other chemical constituents of disposed water. A case has been 
reported in the northwest of Turkey where about 40 oil and gas production wells generate small 
amounts of produced water each day. A portion of the produced water discharged via deep injection 
well for final disposal came back to the surface just after injection into the well; therefore, deep well 
injection could no longer be a solution for final disposal of produced water at this site [320]. Prior to 
injection, appropriate pre-treatment of produced water is required due to the presence of high levels of 
TDS and other constituents in the water [317]. This implies removal or control of excess of solids, 
dissolved oil, corrosive chemicals, chemical reactions and microorganisms. However, most produced 
water discharged via deep well injection is not treated, since this requires additional cost. Reducing 
and oxidative environmental conditions may play an important role to promote undesired chemical 
precipitation reactions that have the potential for blockage of the aquifer, and hence need to be 
removed before reinjection. MD may be implemented as a secondary step after the RO process to 
remove heavy metals and reduce potential groundwater contamination. After this is done, a beneficial 
use may be found for the purified water instead of reinjection. The potential of removal of excess salt 
in the presence of total organic carbon (TOC) from simulated produced water was reported by 
Camacho et al. [323]. Heavy metals and radionuclides such as uranium have proved to be efficiently 
removed from impaired water as reported by Yarlagadda et al. [324]. 
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5.4.2. Shale Oil and Gas Exploration and Development 
Production of coal-bed methane (CBM) or coal-bed natural gas (CBNG) is limited by challenges in 
the management of large volumes of produced water. CBM/CBNG is an unconventional natural gas 
resource with large reserves in the United States and Worldwide [325]. Greater amounts of produced 
water from CBM wells are obtained compared to conventional natural gas wells. These large volumes 
of water are contained in the many fractures and pores of coal beads. The water in the coal bed helps to 
maintain the pressure in the reservoir that keeps methane gas adsorbed to the surface of the coal. Water 
is removed via pumping to reduce reservoir pressure and cause desorption of methane from the  
coal [326]. The amount of water produced and the ratio of water to gas are determined by the 
properties of the basins containing CBM. Major components of produced water from CBM are 
sodium, bicarbonate, and chloride ions, with relatively low sulfate content due to the conversion of 
sulfate to sulfide in the coal bed. It may also be low in hardness and contain suspended solids, iron, 
silica, and barium. Other chemical compounds are present due to activities related to industrial well 
development and maintenance. Organic compounds such as phenols, biphenyls, polycyclic aromatic 
hydrocarbons (PAHs), aromatic amines, and phthalates have been identified in CBNG waters. PAHs 
represent the group of organic compounds most commonly observed [327]. Other chemical 
compounds are present due to activities related to industrial well development and maintenance. The 
organic composition of produced water from CBNG wells might be a cause of environmental concern 
and pose significant challenges for ultimate disposal [327]. Table 12 presents a comparison of typical 
composition for conventional gas well water, CBM water and traditional waters. 
Most CBM water has better quality than produced water from conventional O&G wells, particularly 
because concentrations of trace elements and volatile organic compounds are relatively low [326]. Due 
to its high salinity, water generated in CBM production must be disposed of via regulated injection 
wells or surface discharge. It can also be used for beneficial applications; however, its application is 
hindered by limited knowledge of water quality [313,325]. A composite geochemical database was 
recently generated by Dahm et al. [325] to assess the geochemical signature of CBM produced water 
in four of the major CBM basins in the Rocky Mountain region of the United States. The database was 
used to compare CBM produced water quality to suggested constituent concentrations for beneficial 
use application. Results reported that TDS, sodium adsorption ratio (SAR), temperature, iron, and 
fluoride are the parameters that most commonly exceed standards for drinking, livestock and irrigation 
water applications. Database water composition was dominated by sodium bicarbonate and sodium 
chloride type waters with TDS concentrations of 150 to 39,260 mg/L [325]. The U.S. Bureau of 
reclamation reports that within basins, the TDS of CBM water varies from 200 to 170,000 mg/L [326]. 
Based on the database it was suggested that prediction of water quality compositions for beneficial use 
applications in CBM-producing basins worldwide is going to be based on basin geology, 
hydrogeology, and methane generation pathways [325]. The unique quality of produced water from 
CBM/CBNG as well from the oil and gas industry provides opportunities for novel treatment 
technologies. Such applications might be an opportunity for implementation of MD as a stand-alone 
technology or as a hybrid system with energy-powered systems or RO, particularly if considering that 
such high TDS concentrations are unfeasible for treatment with a single technology. MD is capable of 
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treating feed waters with TDS concentration in excess of 35,000 mg/L [328]. Likewise, theoretical 
rejection for all non-volatile solutes, including sodium, silica, boron, and heavy metals, is 100%. As a 
stand-alone technology, MD may be capable of achieving similar water recoveries as brackish water 
RO, but recovery may be even improved up to 80% or more if coupled with other technologies to 
reduce scaling [328]. Produced water treatment may require a complex system of pre-treatment, 
treatment, and post-treatment. MD could be the fine-tuning technology that will open the opportunity 
for a wider range of produced water reuse applications.  
Table 12. Typical composition of gas well, CBM, and traditional waters [322]. 
Parameter 
End Use Criteria 
CBM water 
Non-CBM water 
(conventional gas well) Drinking Irrigation Livestock 
pH 6.5 – 6.5–8 7–8 6.5–8 
TDS (mg/L) 500 2,000 5,000 4,000–20,000 20,000–100,000 
Benzene (µg/L) 5 5 5 <100 1,000–4,000 
SAR * 1.5–5 6 5–8 Highly varied Highly varied 
Na+ (mg/L) 200 – 2,000 500–2000 6,000–35,000 
Barium (mg/L) – – – 0.01–0.1 0.1–0.4 
Cl− (mg/L) 250 – 1,500 1,000–2,000 13,000–65,000 
HCO3− (mg/L) – – – 150–2,000 2,000–10,000 
Note: * Sodium Absorption Ratio. 
5.5. Industrial Reuse 
Worldwide dairy effluents generate large volumes of water that need to be treated. It is estimated 
that the average daily volume of wastewater produced on dairy farms is 12 to 15 L per cow. Annually, 
24 m3 of manure per cow are generated and a total of about 10 to 25 m3 of wastewater per cow must 
also be properly disposed of or treated [329]. The main components of dairy farm effluents include 
nutrients such as total nitrogen (55 mg/L) and total phosphorus (140 mg/L). There are also small 
percentages of solids (0.21%). Nutrient composition can vary considerable and requires management 
or treatment. Current practice for treatment of dairy effluents is surface application for land irrigation; 
however, the quantity of effluent applied to farmland must not exceed crop nutrient requirements.  
In Finland, wastewaters from rural areas are a concern due to decreasing ground water quality and 
lack of dissolved oxygen in the receiving rivers. New regulations are in place that requires effluents 
from old housing, including dairy farms, to remove and reduce BOD, phosphorus and nitrogen by 
2013 [330]. Rural residents in Finland represent 20% of the population. Dairy wastewater is produced 
during milking and milk container washing on dairy farms. The wastewater has high chemical oxygen 
demand (COD) and nutrient content. Composition and volume generated depend on cattle size, 
washing method, detergents utilized, and total water used. Waste heat is usually contained in dairy 
wastewater (40–80 °C) due to the use of hot water during the washing process [330].  
Reverse osmosis has been considered as an alternative for on-site load reduction of dairy effluents. 
It has been found, however, that even with this technology the effluent is still too highly contaminated 
with nitrogen and phosphorus, and therefore it requires further treatment prior to discharge into the 
watercourse [329,331]. Advances in membrane technology will play an important role in 
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implementing MD for nitrogen and phosphorus removal. Another industrial waste suitable for 
treatment includes wash water from potatoes and carrots, and pig and cattle slurry [332].  
5.6. Other Impaired Waters  
Grey water is generated in households by showers, bathtubs, kitchen and bathroom sinks, washing 
machines and other household basins. Grey water accounts for up to 75% of the wastewater volume 
produced by households. Hotels, in comparison, usually produce very dilute grey water. It is estimated 
that hotel guests in Europe generate as much as 170 to 360 L of water per guest-night. Typical COD 
concentration in grey water from Spanish hotels is about 171 mg/L. The composition of grey water 
varies depending on factors such as the quality of the source water and the activities of the household. 
Reported values for COD range from 171 to 4770 mg/L [300]. Trace elements in grey water such as 
boron occasionally exceed the allowable concentration for reuse in long term irrigation and therefore 
treatment is required. One of the main concerns regarding reusing grey water for irrigation is the 
relative high concentration of sodium, which could reach values of approximately 144 mg/L. High 
sodium concentrations limit the reuse potential of these waters to irrigation of sodium tolerant  
crops [300]. Total boron and heavy metals rejection have been achieved from high salinity water using 
MD, values not easily achieved with other treatment technologies [303]. Table 8 shows a comparison 
of typical composition of produced water and other impaired waters for potential MD applications.  
Industrial activities use 22% of global water reserves and generate considerable amounts of 
effluents. In India, 392 MLD of industrial effluents are generated from five out of 28 states. Industrial 
effluents have varying chemical composition, with toxic and non-toxic effects [333]. Usually they 
carry significant loads of organic and inorganic pollutants [334]. Reuse of effluents depends on the 
particular application. Beneficial reuse of industrial water may include primary agricultural uses. In 
farming applications, factors such as site-specific soil type, climate, and crop type are to be taken into 
account. Some of these effluents may benefit from the removal of excess salt and may have some form 
of waste heat to run the MD process. Some studies have been conducted to evaluate effluent discharges 
by different industries [333–336]. A recent study conducted by Dow et al. [337] demonstrated that a 
plastic manufacturer possessed an accessible source of waste heat and a cooling tower blowdown 
stream that would benefit from a MD desalination treatment.  
A study was conducted by Humboldt State University (Arcata, CA, USA) in 2009 to identify the 
industries and products that are the most water-intensive within the United States. The study 
determined that in 2000, the total US industrial water withdrawals were estimated to be about  
74,500 MLD; from this, 89% was freshwater and 11% saline water [336]. The states that used the most 
industrial freshwater were Lousiana (14%), Indiana (13%) and Texas (8%). The industries identified as 
being the most water-intensive were apparel, automotive, beverage, biotech/pharmaceutical, chemical, 
forest products, food manufacturing, high-technology/electronics, metal mining, refining, utility, paper 
products, and coal products. Apparel, food, and beverage manufacturing were the most water-intensive 
segments of the industries’ value chains [336]. As an example, the total water involved in producing a 
pint of beer is roughly 76 L, and 500 L of water are required to make a 2 L bottle of soda [336]. 
Effluents generating 250 L/kL of beer from breweries and 12,000 L/kL of alcohol from distilleries 
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could be mined for crops if applied to low-saline soils [335]. Water used by the industry can be 
classified as cooling, boiler, and process waters [338]. 
A review of 139 companies from 11 global water-intensive industry sectors conducted in 2007 
concluded that even though water recycling and reuse is an important component of sustainable water 
management and use in the industrial sector, companies rarely report on water recycling and  
reuse [339]. This study indicates that there is a significant opportunity to identify the full potential for 
water reclamation and reutilization within the industrial sector if sustainable incentives are in place. 
The level of treatment will largely depend on the composition of the effluent streams.  
6. Economic Aspects of MD and Other Desalination Systems  
The cost of membrane desalination has decreased significantly over the past three decades while 
traditional water resources have become less available. Similarly, the cost of desalinated water 
continues to be higher than the cost of obtaining water from conventionally treated sources, such as 
surface water. Advances in technology may help both reducing the cost and enabling a more 
sustainable water supply. Reduction in seawater membrane desalination costs is due to technological 
improvements by suppliers, automation in the manufacturing process and competition. Improvements 
in new membranes and modules have helped decreased the cost of brackish water desalination as  
well [340]. Factors such as plant capacity, type of application, quality of water being treated and 
ultimate use for which the water is being treated (drinking, irrigation, recharge, among others) will 
determine scale up conditions for further implementation of desalination technologies. MD is a thermal 
membrane process that promises to be a low cost desalination technology due to its potential energy 
versatility by using both heat and electricity. Its true economics must be explored in order to find the 
cost advantages over competing desalination technologies and the applications where these advantages 
may be exploited.  
6.1. Capital and O&M Costs for Desalination Systems 
The total cost of desalinating water includes the capital cost (or debt service), annual operation and 
maintenance costs. The capital cost is represented by the total construction and non-construction 
(engineering, commissioning, land acquisition, and legal and administrative fees) costs of the project 
and the interest on the capital over the loan payback period. The annual operation and maintenance 
costs are represented by the chemicals, power, equipment replacement and labor costs. For the 
particular case of MD, both capital and operational costs mainly depend on system parameters such as 
flux as a function of flow rates and feed inlet temperature [161]. Arroyo and Shirazi [341] calculated 
the total unit cost of desalinated water as follows:  
 
McGivney and Kawamura [342] developed cost curves for desalination processes as part of their 
“Cost Estimating Manual for Water Treatment Facilities”. Their summarized work is presented in 
Table 13. Few cost models have been developed for MD, which is a relative new technology for water 
desalination applications. Recently, a cost estimate was made for solar-powered MD systems based on 
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economic formulas utilizing both cost data and operational parameters [161]. The model was applied 
to DCMD, AGMD, and VMD configurations. 
Table 13. Cost-curve equations for some desalination processes [342]. 
Plant Capacity 
SWRO MED MVC MSF 
Up to 150 mgd Up to 80 mgd Up to 10 mgd Up to 50 mgd 
Total construction 
cost ($ ×106) 
9.3423 × (Plant 
Capacity in mgd)0.7177 
23 × (Plant Capacity 
in mgd)0.6097 
15.275 × (Plant 
Capacity in mgd)0.907 
32.28 × (Plant 
Capacity in mgd)0.6739 
Total capital cost 
($ ×106) 
12.612 × (Plant 
Capacity in mgd)0.7177 
31.05 × (Plant 
Capacity in mgd)0.6097 
20.622 × (Plant 
Capacity in mgd)0.907 
43.577 × (Plant 
Capacity in mgd)0.6739 
O&M cost 
($ ×106) 
2.9129 × (Plant 
Capacity in mgd)0.6484 
1.2576 × (Plant 
Capacity in mgd)1.0549 
3.121 × (Plant 
Capacity in mgd)0.9384 
1.8653 × (Plant 
Capacity in mgd)0.9808 
Another proposed method for obtaining the cost of desalinating water is calculating the debt service 
load based on a life-cycle analysis by using an efficiency factor to estimate the actual production 
volume instead of the design production capacity; or by assigning the debt service cost to the actual 
production volume [341]. If the water demand is substantially less than the projected design capacity, 
the production of water results in a higher unit cost for the water produced by the desalination facility. 
In general, water from desalination facilities is the most expensive water a utility has access to (based 
on total per unit cost). However, from an operations perspective, membrane desalination facilities are 
better operated as base load plants with other resources such as fresh surface water and fresh 
groundwater, providing the balance and serving as support for peak demands. This is the opposite of 
what economic considerations alone would expect, where the most expensive sources are used during 
periods of peak demand or supply shortages. Using seawater RO to provide base load is not based on 
economic grounds but rather operational grounds, because membranes need to be preserved to 
maintain them in operational order.  
Several factors affect the capital, operating and maintenance costs of desalination facilities. Some of 
them are included in Table 14. The capacity of the plants also impacts the capital cost; larger plants are 
generally more economical. Figure 36 shows the cost of treating brackish water and seawater as a 
function of the size of the facility [340].  
The energy cost portion of the total annual O&M cost greatly depends on the power/fuel  
pricing [340]. For an optimized desalination plant the cost of energy can represent 30%–40% of the 
total cost of the water [293]. Gray et al. [293] suggests that as compared to the grid, dedicated gas 
turbine power stations can reduce the cost of energy in desalination systems due to the fact that they 
are not exposed to fluctuations between day versus night and summer versus winter electricity 
demands. The use of renewable energy is another option to help reduce the energy cost for MD. For 
seawater RO the energy costs can vary from a third to more than half the cost of desalinating  
water [343]. Even though Wittholtz et al. [344] states that plant location may have little observable 
effect on the cost of the water, and that cost data from around the world may be applicable to any 
location [344], it is necessary to make cost adjustments based on site regulations, materials, 
construction, labor, and power. Currently the major obstacle to developing seawater desalination 
projects in China is the total cost of those facilities. By 2050 the water demands in China are projected 
to reach 800 billion cubic meters. 
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Table 14. Factors affecting Capital and O&M desalination costs [340,345]. 
Costs Factors  
Capital  Capacity of the plant  
 Project location  
 Quality and variability of the source water 
 Co-location with existing power generation facilities 
 Costs associated with intake and outfall design 
 Configuration and permitting  
 Concentrate management plan 
 Environmental mitigation  
 Required water quality 
O&M  Energy consumption and cost  
o Power/fuel pricing  
 Water quality  
o Chemical use for pre-treatment  
o Post-treatment requirements  
 Equipment replacement and frequency of replacement 
o Membrane replacement 
o Cartridge filter element replacement 
o Pre-treatment membranes  
o Filter media replacement 
 Labor 
Other  Type of post-treatment required 
o Ancillary equipment selected 
o Land costs  
o Conveyance of the water to and from the plant 
Figure 36. Typical operation and maintenance costs for brackish and seawater desalination 
plants [340]. Reprint approved and authorized by the American Membrane Technology 
Association (AMTA). This figure has been adapted from Fac Sheet 6, “Membrane 
Desalination Costs”, AMTA, Feb. 2007. 
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In the case of MD desalination plants, the cost and performance can be evaluated on the basis of 
heat recovery. Al-Obaidani et al. [11] conducted a study to compare the cost of a DCMD system 
without heat recovery and with heat recovery aiming to reuse the heat from the brine for pretreatment 
of the feed seawater. In the calculation researchers included total capital cost, annual fixed charge, 
membrane replacement, electricity, cost of steam, chemicals, labor, spares, brine disposal, total annual 
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O&M cost, total water cost, energy consumption, and primary energy. Economic evaluation was 
performed for a plant with a capacity of 24,000 m3/day. The economic analysis reported that the unit 
cost of water produced by the heat recovery DCMD plant was $1.17/m3. This cost was $0.06 lower 
than the water cost for a MD plant without heat recovery ($1.23/m3). The cost contributed to a total 
savings of approximately 8% per year in the O&M costs due to the savings in heating steam 
consumption. The total capital cost was approximately 4% higher than that of the MD plant without 
heat recovery due to the additional costs associated with heat exchangers for heat recovery. The 
performance ratio or proportion of mass flow of desalted water to mass flow of the heating steam was 
13.7 with the heat recovery system. The energy supplied by fuel combustion to produce thermal energy 
was reduced by 11.7% in DCMD with heat recovery as compared to DCMD without heat  
recovery [11]. This work showed the value of heat recovery systems in terms of cost savings, 
justifying the need for heat recovery when high temperature heat is available.  
The cost of $1.17/m3 reported by Al-Obaidani et al. [11] for DCMD with heat recovery was 
comparable to the cost of water produced by conventional thermal processes. The cost of water for 
multiple effect distillation (MED) was reported as $1.00/m3; for multi-stage flash it was reported as 
$1.40/m3. MD without heat recovery is still more expensive than its more mature non-membrane 
counterparts. However, MD is more sensitive to heat costs and for low cost heat cases, MD becomes 
the most economically viable thermal desalination technology.  
6.2. Cost of Competing Technologies  
There are many different types of desalination technologies. RO and ED are the most commonly 
utilized desalination processes for brackish water treatment [346]. RO is considered the most economic 
technology for large scale seawater desalination, followed by MSF and MED [8]. MSF desalination 
can be compared with other technologies only if seawater is considered as the feed to that process. RO 
is still the least energy intensive process [343]. It is estimated that the absolute minimum amount of 
energy required by RO to desalinate average seawater is approximately 1 kWh/m3 or 3.8 kWh/kgal of 
water produced. It is about 0.8 kWh/m3 for 0% recovery and about 1.2 kWh/m3 for 40% recovery. 
Presently, actual energy consumption for RO is in the order of 2.5–3.5 kWh/m3 (10–13 kWh/kgal) [343]. 
Table 15 presents examples for total production cost of existing RO brackish groundwater and 
proposed seawater desalination facilities in the United States [341]. The WaterReuse Association [347] 
presents a comprehensive list of SWRO desalination facilities in the world including the cost trend as a 
function of production capacity. In Table 15, additional cost due to salinity, distance and depth to the 
source, and increasing operation and maintenance cost from year to year are not included.  
Table 15. Example of total production cost for RO brackish and seawater desalination 
facilities (dollars of the year the facilities were built) [341,348]. 
Facility 
Start 
date/ 
(Year) 
Construction 
cost ($) 
Maximum 
Design capacity 
MGD (MLD) 
Power 
cost 
($/kWh) 
Production cost 
($) per 1000 gallons 
Total 
cost 
($/m3) O&M Debt 
Total 
cost 
La Sara (brackish water) 2005 2,000,000 1.2 (4.6) 0.08 0.80 0.46 1.26 505,727 
Kay Bailey Hutchison 2006 87,000,000 27.5(105) 0.0835 1.75 0.81 2.56 1,028,722 
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(brackish water) 
Lower RGV2 (seawater) 2012 36,633,000 2.5 (9.5) 0.06 2.74 3.03 5.77 2,320,176 
Brownsville (Seawater) 2050 170,229,000 25 (95) 0.08 2.25 1.63 3.88 1,559,119 
Several cost analysis studies have been conducted for seawater desalination using RO and other 
technologies [349–352]. Unit costs between $0.06/m3 to $1.0/m3 for brackish water RO and between 
$0.40/m3 and $1.50/m3 for seawater RO have been reported [159,353–355]. Brackish water RO capital 
costs range from $240 per m3/day to $400 per m3/day while the capital cost for seawater RO range 
from $600 per m3/day to $800 per m3/day [354]. The cost of power for a typical brackish water RO 
facility represents only 11% of the total cost as compared to the power cost for seawater RO (up to 
44%) [354]. Reduction in desalination costs has been possible as a result of improvements in pumps 
and membranes, and other equipment such as energy recovery systems that can regain a portion of the 
energy used. 
In Texas (United States), the total production cost of desalinated brackish groundwater ranges from 
$0.33/m3 to $0.69/m3, while the production cost of desalinated seawater ranges from $0.95/m3 to 
$1.52/m3 [341]. In China the unit cost is $0.6/m3 for RO brackish water and $1.0/m3 for seawater  
RO [356]. In Australia the product water cost per kL is mostly in the range of less than $1.25 for 
potable water and $1.25–$2.00 for industrial water [305]. Lower costs have been reported in the 
Ashkelon (Israel) and Tuas (Singapore) plants ($0.47/kL–$0.51/kL) [305]. In the Middle East where 
seawater is the main water supply, MSF is leading the desalination market [346]. Coupling or 
collocating power generation and water generation is a priority due to the high demand of both 
electrical power and potable water.  
A cost study of seawater desalination via reverse osmosis found that operating and total production 
costs increased linearly with increasing concentration, even though the capital costs was slightly 
affected by the increase in concentration. Energy costs represented the greatest part (70%) of the 
operating cost [349]. The researchers suggested that more attention should be given to the energy 
consumption within the RO system.  
6.3. Cost of Stand Alone and Hybrid MD Systems  
For MD to be cost competitive as a water treatment technology, it is important to explore the typical 
costs expected for treatment of traditional and non-traditional waters and the energy cost related to 
their treatment. It is estimated that the treatment costs for a range of non-traditional waters including 
recycled, surface and produced water can range from <$0.26/m3 to in excess of $1/m3  
(Figure 37) [357,358]. Additional sources of non-traditional waters include treated urban wastewater, 
stormwater, and mine drainage. A typical example of produced water is water from oil and gas 
exploration activities; surface water includes agricultural irrigation return flows [317,359]. 
Costs associated with treating produced waters with available technologies can be the largest 
component of the cost of water. However, advances in the ability to use produced water without 
extensive pretreatment may reduce the overall cost [357]. According to estimates cited by Freedman 
and Wolfe [357] the treatment cost of produced water from oil and gas exploration and agricultural 
irrigation return flows is of $1.06/m3 or more. Likewise the treatment cost for fresh water supplies is 
about $0.26/m3. Reducing the cost from $1.06/m3 to $0.26/m3 is not achievable at the current stage of 
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research [357]. However, it is important to understand that moving from traditional water resources 
(e.g., surface water and fresh groundwater), mostly tapped out, to more expensive sources of water 
(e.g., reclamation, brackish groundwater, water importation, and seawater desalination) implies having 
to pay a higher total price for those new water resources or simply halting population growth, 
economic development and other activities in water short areas of the world. At the same time, 
research to help improving the efficiency and reducing the cost of new desalination technologies like 
MD needs to be done. 
Figure 37. Example of water treatment cost per m3 per source. Adapted from [359].  
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The power cost for electrodialysis treatment for processing produced waters containing up to 
10,000 mg/L of TDS ($0.06/m3) can be lower than the current cost for well disposal, which can exceed 
$0.31/m3. However, above 10,000 mg/L of TDS the power cost of electrodialysis can increase 
exponentially [360]. As an example, the cost to treat produced water with 15,000 mg/L TDS to below 
2000 mg/L is about $2.52/m3, which according to the authors may be prohibitive for most field 
applications. Power costs required by electrodialysis systems to decrease the salinity of produced water 
from 5000 mg/L to 1000 mg/L TDS was reported as $0.06/m3 and $0.19/m3, respectively, based on an 
electricity price of $0.6/kWh [322].  
The energy used for water desalination via RO is electricity (pumping to overcome pressure 
requirements) which may be more expensive than low-grade thermal energy, assuming the waste heat 
source is available and the cost of retrofitting the system is not significant [29]. Energy requirements 
for RO range from 3 kWh/m3 to 17 KWh/m3 depending on the scale, incoming salinity (fresh to 
brackish to seawater) and use of energy recovery devices. Average thermal energy use of MSF is 60 to 
80 kWh/m3. For MED, approximately 30 kWh/m3 of thermal energy is required. Walton et al. [134] 
estimated that at the economy ratio of 15, MD has a thermal energy requirement of 44 kWh/m3. The 
energy cost of MD is competitive as compared to RO and other thermal desalination technologies if an 
economy ratio of 15 is assumed and if 90% of the energy goes into desalination. The economy ratio is 
defined as the ratio of the heat energy theoretically required to distill the measured flux of water 
divided by the total heat energy used by the system. The maximum economy ratio of an MD module 
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without latent heat recovery is one. Higher economy ratios implies that latent heat is recovered and 
therefore a higher efficiencies are reached [134].  
This cost is still 2.5 times the energy requirement of the worst RO based processes. MD could, 
however, complement RO to help recover additional water from waste streams that will otherwise be 
disposed of. At an economic ratio of 15, MD is competitive energetically with other thermal 
desalination technologies. Table 16 shows water recovery rates for traditional desalination systems. It 
is been estimated that the product water recovery for MD is between 65% and 95% [143]. 
Table 16. Water recovery rates and operating parameters for traditional brine desalination 
systems [134,361]. 
Operating Parameter BWRO SWRO EDR MED MVC 
Recovery Rates (%) 75–85 30–60 ≥80 20–65 40–50
Thermal Energy Consumption (kWh/m3) 3 17 – 30 – 
Electrical Energy Consumption (kWh/m3) 0.5–2.0 ≤3.0–4.5 ≥0.6 1.1–4.5 8–14 
MD has an electrical requirement of 2 kWh/m3 but can reduce to <0.01 kWh/m3 in novel heat 
coupling arrangements and when thermal energy recovery is not needed (e.g., abundant low 
temperature waste heat) for example in the dairy industry [155]. This is one example of the versatility 
of MD compared to RO as a desalination technology, given its wider operational variables to enable 
optimal economic operation. In turn, MD requires thermal energy ranging from 120 kWh/m3 up to 
1700 kWh/m3, depending on whether heat recovery is used and the heat recovery design. Similar 
tradeoffs and economic optimizations that are industry specific are already known to the thermal 
desalination industry (MED and MSF) [362]. It is estimated that in comparison to RO, when MD is 
fully developed at large scale it should be lower in capital cost and operating expenses. MD does not 
operate under pressure, therefore allowing for thinner piping made from cheaper materials (i.e., 
plastics versus stainless steel or expensive alloys) and reduced leaks and pump failure [134]. Seawater 
RO operates at around 70 bar, while MD at any salinity operates well below 1 bar.  
Walton et al. [134]developed a cost estimate for MD as a function of thermal energy, assuming that 
the capital cost of the facility is the same as for seawater RO ($0.375/m3), and compared it to RO 
assuming the energy cost of reverse osmosis to be $0.375/m3 as reported by Wangnick [363]. For 
example, assuming that the cost of thermal energy was $0.01/kWh, the researcher calculated the total 
cost for MD to be $0.815/m3. Sirkar and Li [364] estimated that the total production cost of water by 
DCMD process using rectangular cross flow modules was $0.78/m3. Walton et al. [134] concluded that 
MD is competitive relative to RO when low cost heat energy is available and when the water chemistry 
of the source water is too difficult for treatment with RO. Al-Obaidani et al. [11] suggested that by 
using a low-grade thermal energy source, the cost of DCMD may be decreased to values approaching 
the cost of water produced by RO, which is about $0.50/m3. Nevertheless, having a diversified 
portfolio of water resources, competitive technologies, policies and business models will help reduce 
total cost for supplying water to a given geography.  
The production cost of small desalination plants with a production capacity of <20 m3/d powered by 
renewable energy sources such as solar, photovoltaic collectors or wind turbines, are reported in the 
range of $1.5–$18/m3 [161,357]. Yarlagadda et al. [324] summarize the energy requirements and cost 
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of production per unit of distillate for MD as compared with other available technologies using 
renewable technologies (Table 17). Table 17 also includes costing from Al-Obaidani et al. [11] and 
Wu [365] for comparison. It also includes energy requirements for innovative desalination hybrid 
systems. Table 18 presents a comparison of desalination costs for different hybrid processes as 
function of plant capacity. Saffarini et al. [161] reported that solar heater costs accounted for over 70% 
of the total cost of solar-powered MD systems. He suggested using alternative sources of thermal 
energy, such as waste heat. 
Table 17. Comparison of existing desalination technologies [11,324,365]. 
Process 
Specific Energy 
Consumption 
(KJ/Kg) 
Cost per unit of 
permeate ($/m3) Year Reference 
MD–Geothermal water 111 15–18 2008 [366,367] 
RO–PV 82 3.73 2002 [366,367] 
MFD 338 2.02 1996 [366,368] 
MED 240 2 1998 [366,368] 
MED–solar still 1500 12 2005 [366,367] 
MD only – 1.17 2007 [11] 
MD–low energy source – 0.64 2007 [11] 
MD–cheap industrial waste heat  – 0.26 2006 [34] 
NF–RO with energy recovery device–MD 
with available heat energy 
– 0.56 2007 [109] 
NF–RO–MD with available heat energy – 0.80 2007 [109] 
NF–RO and energy recovery device–MD 
without available heat energy 
– 0.73 2007 [109] 
NF + RO–MD without available heat energy – 0.97 2007 [109] 
RO–MD – 1.25 2004 [6] 
MD only – 1.32 2004 [6] 
Nuclear desalination–MED – 0.72-0.76 2006 [365] 
Nuclear desalination–RO – 0.63 – [369] 
Nuclear desalination–MED  – 0.70 – [369] 
DCMD–waste heat – 1.1–1.5 2011 [370] 
Table 18. Comparison cost for MD hybrid processes [366,371]. 
Process Capacity (m3/d) Cost ($/m3) Reference
Solar MED 72–85 2–10 [372,373]
Solar MSF 1 2.84 [374] 
Solar PV–RO 1 12.05 [374] 
Geothermal MD 17 13 [367] 
Solar AGMD 66 8.9 [375] 
Solar MD 0.1 15 [366] 
Solar MD 0.5 18 [366] 
In hybrid systems such as solar-powered AGMD, the water cost varies depending on the operating 
parameters used. Saffarini et al. [161] reported these variations as a function of effective membrane 
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length, feed mass flow rate, air gap width, feed channel depth, and solar collector efficiency. From 
these parameters only the air gap width and solar collector efficiency have a linear effect on the water 
cost. Table 19 summarizes some of their results. 
Similarly, the final cost of the solar MD system will be affected by the selected MD configuration. 
A single-point water cost comparison at constant recovery ratio of 4.4% when solar heaters were made 
for DCMD, AGMD, and VMD showed that AGMD is the most expensive configuration  
(Figure 38) [161]. 
Table 19. Effect of operation parameter on solar-powered AGMD water cost [161]. 
Operating parameter Operating range Water Cost ($/m3) 
Effective membrane length (m) 10–140 20–13 
Feed mass flow rate (kg/s) 0.2–1.2 (laminar–turbulent) 20–23 
Air gap width (m) 0.0005–0.003 15–46 
Feed channel depth (m) 0.001–0.005 20–24 
Solar collector efficiency (%) 35–60 30–19 
Figure 38. Cost for a solar panel MD configurations at a recovery ratio of 4.4% with solar 
heaters [161]. 
 
Capital and operating cost for DCMD can be lower compared with the costs for RO as 
demonstrated by Sirkar and Li [376] (Figure 39). The research conducted bench and pilot scale 
experiments for desalination of brine using rectangular cross flow hollow fiber modules, having 
membranes with plasmapolymerized coatings of silicone-fluoropolymers on the outside surface. Brine 
feed temperature ranged between 40 and 94 °C. Experiments were carried out with 10% brine as feed. 
The cost of the RO was estimated by assuming an operating pressure of 1000 psi, 30% recovery, feed 
flow rate of 0.15 m3/s, and energy recovery of 30%. For DCMD a shell operating pressure of 10 psi, 
12% recovery, and feed flow rate of 0.36 m3/s was assumed. The cost of some capital items, such as 
site development, water, utilities, construction overhead and contingency, as well as some operating 
costs, such as membrane replacement, labor, spare parts, and filters in RO were the same as those in 
DCMD. The permeation flux of DCMD was assumed as 1.5 times higher than RO [376]. 
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Estimated cost of water by DCMD was much lower than that by RO due to low-pressure operation, 
high water vapor flux, and good anti-fouling properties of the DCMD membrane and process. Total 
capital cost for DCMD was $0.85/L day compared to $1.19/L day for RO. Total production cost for 
DCMD was $0.96/m3 compared to $1.18/m3 for RO. The comparison was made assuming that both 
DCMD and RO desalination plants have a production rate of 3.7 MLD, and that industrial waste heat is 
available; therefore, the heat cost was neglected for DCMD. The salt content of water made from the 
DCMD system was less than 20 mg/L). The salt content in water obtained from a single-stage RO 
system was greater than 200 mg/L. The effect of salt concentration on the performance of the DCMD 
system was low since water vapour pressure is affected to a small extent by salt concentration [376]. 
Hot saline water, i.e., saline water from geothermal sources containing 3000–10,000 mg/L or higher 
TDS at 50–70 °C, or RO reject which are not suitable for RO treatment can be used as the brine feed 
for DCMD. The high purity of water obtained from DCMD makes it suitable for use in high  
pressure boilers. 
Figure 39. Comparison of capital and operating cost for DCMD and RO (adapted from [376]). 
 
6.4. Concentrate Management Cost for MD 
The cost of concentrate disposal can be significant. This is particularly valid for brackish water RO 
plants that use groundwater as the source water and have to dispose of the concentrate in either a 
different ground formation to ensure that it would not migrate and potentially contaminate a source of 
drinking water or in lined evaporation ponds. For these plants surface water outfall is not a disposal 
option. Even with advances in membrane production costs to have less expensive membranes, longer 
membrane life, and energy recovery improvements, the cost of concentrate management represents an 
increasing percentage of the total water treatment plant cost [377]. Table 20 shows that the cost  
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for pretreatment and RO treatment of produced water increases as the concentration of the  
concentrate increases.  
Several factors make difficult and costly the disposal of concentrate generated in desalination 
processes. Depending on local regulations and available lands, RO concentrate can be disposed of in 
surface water, evaporation ponds, deep injection wells or brine concentrators, among others. Disposal 
of concentrate in surface water can result in salt load buildup which eventually will reach a level that 
will limit additional discharges. Evaporation ponds are usually used only for small volumes of 
concentrate. Disposal to deep wells is usually restricted to larger volumes of concentrate where the 
cost of scaling up is affordable. Land applications depend on factors such as availability of land, 
percolation rates, irrigation needs and the ability to meet ground water quality standards [378]. In the 
case of deep well injection, finding a formation that can receive significant volumes of RO concentrate 
over a long period of time is part science and part art. Table 21 presents a cost comparison of 
concentrate disposal options with critical disposal factor as reported by Greenlee et al. [354]. The 
Colorado School of Mines report [328] presents a comprehensive summary of technical assessment of 
pre-treatment and post-treatment processes for produced water. 
Table 20. Power cost of desalination of oil field brine [296]. 
Type of brine 
Concentration of feed 
brine (TDS, ppm) 
Power Cost kWh per m3, permeate 
Pre-treatment 
RO 
desalination 
Operating cost 
per m3 
Contaminated surface water ~1,500 $0.17 $0.39 $0.50 
Gas well produced brine 
~3,600 $0.66 $0.53 $1.19 
~35,000 $0.53 $1.11 $1.64 
Oil well produced brine ~50,000 $2.20 $6.00 $8.20 
Table 21. Cost comparison of concentrate disposal options for RO [354]. 
Concentrate disposal Critical Factors Cost ($/m3) 
Surface water Piping, pumping, outfall construction, permitting. 0.03–0.30 
Evaporation pond 
Pond size and depth, salt concentration, evaporation rate, 
disposal rate, pond liner cost, wildlife impacts, permitting, 
land availability. 
1.18–10.40 
Deep well injection 
Casing diameter and depth, injection rate, chemical costs, 
distance to plant. 
0.33–2.64 
Sewer Disposal rate, salinity, sewer capacity, fees, permitting  0.30–0.66 
Mechanical evaporation (brine 
concentrator, crystallizer) 
Disposal rate, energy costs, salinity, capacity, chemicals 
for pretreatment 
0.66–26.41 
Based on current concentrate disposal limitations, reclamation of effluents for irrigation and indirect 
potable water uses is rapidly developing as an alternative to seawater desalination [377].  
Cote et al. [377] compared the total life cycle costs for treating water from secondary effluent using 
RO and seawater desalination, and found that they are $0.28/m3 and $0.62/m3, respectively.  
An alternative disposal option for concentrate management is to treat the concentrate to recover 
potential economic products and have zero liquid discharge [316]. Zero liquid discharge presents an 
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opportunity for MD in that, being a thermal process, it can concentrate saline water to the precipitation 
of salts with minimal drop in flux performance. By analyzing the cost of disposal in brine lagoons in 
Table 22, it is observed that technologies to reduce the disposal volume have good economic 
incentives. Capital cost included reductions estimated using RO or combined RO and MD desalination. 
Data in Table 22 assumes pond price at $1 million/ha (including pond lining), evaporation rate of  
1.0 m/year, and 75% RO water recovery. Even with RO taking to 70,000 mg/L at its limit, further 
concentrating the brine beyond this limit is worth a savings of $17 million for a 5 MLD plant.  
Table 22. Example of brine disposal pond capital costs for feed water stream of 5 ML/day. 
System Fresh water 
recovery (%) 
Fresh water 
recovered (ML/day) 
Flow to be disposed 
(ML/day) 
Disposal pond area 
required (ha) 
Pond 
cost 
Direct disposal 0 0 5.0 183 $183 M 
RO 90 4.5 0.5 18 $18 M 
RO + MD 99.5 4.98 0.025 0.9 $0.9 M 
Besides this financial incentive, environmental incentives likewise drive zero liquid discharge as 
brine disposal to lagoons may not be an acceptable practice due to risk of uncontrolled saline water 
release. MD is a potential treatment candidate for coupling with RO or ED to increase water recovery 
and to reduce the amount of concentrate requiring disposal to get closer to zero liquid discharge. 
Thermal desalination by MED would compete with MD in this space. However, when low cost 
thermal energy is available, MD can be an economical alternative to the established thermal processes 
in zero liquid discharge applications. MD is a technology that can be coupled with RO and/or others to 
reduce waste streams (i.e., RO concentrate). It could also be used for small-scale applications in which 
the water quality is not suitable for RO based processes. MD can also be co-located with power 
generation facilities or industrial facilities to take advantage of the waste heat to produce high  
quality water. 
Additionally, MD can use a variety of membranes, which clearly presents a variation on the cost of 
the treated water [324]. While polypropylene (PP), polyvinylidenefluoride (PVDF) and 
polytetrafluoroethylene (PTFE) are the most widely used membrane materials, Their prices vary not 
only on the original material prices, but also in their design and performance. A survey of the materials 
has been conducted, and PTFE was found to offer best performance due to its highly hydrophobic 
character. Also, the support layer was found to greatly influence performance, with improved MD 
performance obtained by membranes supported on woven scrim materials [52]. Cost of membrane 
materials has been reported in the literature. For example, Al-Obaindani [11] proposed a cost of 
$90/m2, and explored price sensitivity in the range of $70 to $100 per m2. In general, membranes cost 
from $12 to $40 per m2 depending on the type (RO membranes are cheaper than UF). Presumably  
Al-Obaindani’s [11] cost included the module. Low cost, high quality membranes emerging from 
China at present have a price less than $10 per m2. Al-Obaindani [11] assumed $90 per m2 and found 
that the membrane contributes to 50% of the capital cost and 30% of the operation and maintenance 
cost. So lower cost membranes, for example those emerging from China, will play a key role in 
making MD affordable. 
Comment [l34]: Mega Litres per day is 
fine like this. 
Comment [l35]: ha stands for hectare.  
It is a standard unit similar to kg. 
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7. Future Developments and Conclusions 
MD has been explored since the early 1960s, but only in the last decade has the interest grown 
substantially such that commercial systems are readily available, backed with pilot trial experience. 
Various MD providers offer solutions that are primarily focused on minimizing thermal energy 
demand, but there are also possibilities to reduce electrical energy demand.  
MD has been used mainly trailed for removing salt for sea water and brackish water. It has also 
proven to be a suitable technology for removal of other contaminants, such as heavy metals, 
radionuclides, and organics from brackish, produced, industrial and other impaired water. While it is 
capable of treating many kinds of water, its ability to compete with established technologies such as 
RO, ED, MED and MSF is currently limited due to its high energy use. Consequently it is likely to 
find application where current established technologies are unable to operate or in applications that 
substantially favour its use. For instance, the treatment of brine streams that reverse osmosis finds 
difficult to treat may be a possible application, and integration of MD with RO to treat RO brine may 
be a suitable application where brine disposal is problematic. Treatment of CSG water brine is one 
such potential application, where reduction of brine pond areas has substantial capital cost benefits. 
Similarly, application in industries that have significant low grade waste heat sources, such as power 
stations and chemical plants, would also seem to be strong candidates for application of MD. The high 
quality of MD permeate compared to RO permeate may also provide advantages in these applications, 
particularly if purified water is required as boiler feed.  
Finding suitable applications for MD currently seems to be the major impediment to its wider 
commercial use. The theory of its operation is well known, and models are available to allow design 
and scale up of MD systems using local heat sources. The ability to design MD processes using site 
specific heat flows is critical for its application, as it is dependent upon waste heat sources to achieve 
economic advantages, and the quality and available heat flows from such heat sources will vary from 
site to site. Efficient designs will be required to take this variability in available heat in to account.  
Low fluxes and wetting have also been limitations for MD implementation. Having highly 
permeable membranes and suitable modules with improved hydrodynamics will allow increased 
permeate flux and overall performance of the MD process. Membrane hydrophobicity and pore 
geometry are critical parameters in reducing MD membrane wetting, and surface coatings are enabling 
reduced wetting to be achieved. For example, oleophobic coatings can reduce wetting and fouling from 
oily feeds. Membrane hydrophobicity also determines the largest possible membrane pore size for 
scale up as do process parameters such as feed water temperature, operating pressure, flow rate, and 
liquid composition.  
A large variety of materials has been tested and investigated as MD membranes. It appears that 
although morphological features are critical to achieve high flux, improving the membrane 
performance is a complex issue involving a number of parameters. The variety of the MD 
configurations, membrane morphologies, module shape and size, as well as the testing conditions 
cause the large scatter that was visible in the Figures 24–34. 
As defined by theory, pore size, porosity and thickness of the active layer matter, and the 
characteristics of the support are critical to achieving high flux. Controlling the thermal transfers 
Water 2013, 5             
 
 
86
across the different strata of the membrane is also critical and more efforts should be focused on 
improving the interfaces between the active layer and the supporting layer in order to reduce 
temperature polarization effects. Thermal conductivity measurements are often difficult to perform due 
to the difficulty in controlling the interfacial contact, but this should be an area of focus for researchers 
in order to better understand their structures. Although a few studies did investigate the long term 
performance of their membranes, it would also be interesting to investigate the long term flux and 
rejection stability of these novel membranes as very few groups investigated the impact of 
contaminants, such as chlorine, or chemical and thermal degradation on the process. MD induces 
strong temperature gradients across the membranes, and thermal degradation could occur over time 
depending on the composition of the feed. In addition, the compressibility of the membrane when 
stressed in the module under the pressure difference will likely affect flux and energy efficiency, 
particularly for DCMD. 
To date commercial large pore size PTFE flat sheet membranes still show higher permeance than 
laboratory fabricated membranes when tested under similar conditions. A number of routes are open 
for researchers to improve the performance of membranes for MD. These routes include fabricating 
smaller pore size, but thinner active membrane layers with more hydrophilic materials. The smaller 
pore size will then lead to a larger LEP reducing the risk of liquid water penetration into pores while 
hydrophilic surfaces may reduce fouling. Research could also, on the other hand, be driven towards the 
processing of larger pore size hydrophobic membranes to achieve higher water vapor permeability in 
order to become more competitive with commercially available structures. Tuning the surface energy 
of the membrane is also critical, and novel approaches combining hydrophilic and hydrophobic 
materials have shown highly promising results. Other routes include the control of the support 
morphology by introducing large macro cavities to maximize the liquid water or vapor transport and 
reducing possible heat and concentration polarization effects.  
Ceramic membranes are possible candidates in place of polymeric membranes in MD applications 
due to higher thermal resistance, mechanical strength, chemical stability and oxidant tolerance. 
Additional research is required to find optimal chemical modification candidates as well as optimal 
procedures to change the hydrophilic inorganic membranes to hydrophobic membranes without 
compromising the performance and permeate flux of the MD process. Nanoparticles are important 
emerging candidates to be used in the manufacturing of membranes for MD. They allow for control of 
membrane wetting and fouling. Graphene and carbon nanotubes are the most promising candidates due 
to their physico-chemical properties, which help engineering of desired structures and selectivity of the 
membrane separation process. Electro-spun webs, which are manufactured as affinity membranes for 
the study and growth of biological cells, may open opportunities for research in the area of membranes 
for MD.  
MD appears to be poised for commercial implementation, and identification of opportunities that 
maximise the advantages of MD over competing technologies is emerging. In developing these 
opportunities, the energy consumption and desalted unit cost will decrease; therefore, competitive 
values with those of other desalination processes can be reached. 
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